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ABSTRACT 
HYDRODYNAMICS AND HEAT TRANSFER OF CIRCULATING FLUIDIZED BED 
by 
Chunming Qi 
University of New Hampshire, December, 1993 
The investigation of the hydrodynamics of gas-particle suspension in a circulating fiu-
idized bed (CFB) focused on the radial (lateral) particle flux measurement, the mechanism 
of the radial particle concentration distribution, the mechanism and the model of particle 
convection heat transfer, and the pressure balance in the CFB loop, all of which affect the 
hydrodynamics, thermal efficiency and stability of a CFB. 
The radial particle fluxes in a cold-flow CFB riser (14.0 cm i.d., 6.4 m high) were 
directly measured by specially designed probes. Two types of particles were used; glass 
beads of 200 fan diameter, and FCC catalyst of 70 /zm diameter. Particle concentration 
was measured by a capacitance probe. 
Results show that the radial particle flux was much greater near the CFB wall than 
that at the center. Under certain operating conditions, the radial particle flux was even 
higher than the net axial particle flux. The measured radial profile of particle flux is similar 
to that of the particle concentration. The radial particle flux is mainly dependent on the 
particle concentration. 
The radial particle concentration distribution in the riser, which was dilute at the center 
region and dense near the wall, was analyzed based on momentum balance. Consideration of 
the momentum transfer due to the lateral particle motion predicted the existence of a dense-
core and dilute-annulus particle concentration distribution during gas-solid, cocurrent, fast 
downflow in the downcommer. 
The nature of the heat transfer between the gas-particle suspension in the bulk and the 
CFB wall was investigated. The radial particle flux data were used to develop a preliminary 
model to estimate the heat transfer coefficient. Comparison of the calculated heat transfer 
xxii 
coefficient with published data shows good agreement. 
A switch wafer setup was used to measure the pressure profiles in the CFB. The 
pressure balance in the CFB loop was analyzed. A computer model was developed to 
predict pressure changes in the CFB system. The model took into account the different 




The present work is an investigation of several aspects of the hydrodynamics of gas-solid 
flow in a circulating fiuidized bed (CFB). The study is focused on the radial particle flux, the 
radial particle concentration distribution, the particle convection heat transfer coefficient, 
and the pressure distribution in a CFB. Several terms, phenomena, and processes needed in 
this dissertation are described in this and next chapters. The motivation, objectives, scope 
and approach of this study are also discussed. 
1.1 Background 
Fiuidized bed operation may involve two-phases (gas-solid, liquid-solid) or three-phases 
(gas-liquid-solid). The present work focuses on gas-solid two-phase fast or circulating fiu-
idized beds. 
Warren Lewis and Edwin Gilliland at MIT invented the fast fiuidized bed (also termed 
CFB) process in 1938 while trying to find an appropriate gas-catalyst contacting process 
for fluid catalytic cracking (FCC) (Basu 1992). 
Circulating fiuidized beds (CFBs) are of importance in numerous large-scale industrial 
processes in fuel and energy engineering, in chemical industry, in the processing of stones and 
ceramics, and in metallurgy. Catalytic reaction, combustion and gasification, calcination, 
and synthesis are among the processes that CFBs are designed for. 
1 
1.2 Fluidization Regimes 
For a gas-solid system, the gas velocity based on the empty cross-section is termed superficial 
velocity. Starting with a fixed (packed) bed of solid particles, and gas (or liquid) flowing 
upward, the increase in the fluid superficial velocity causes bed expansion and a transition 
from fixed bed, to bubbling, to turbulence, to fast fluidization, and finally to pneumatic 
transport. 
Figure 1.1 shows the contacting of a batch of solids by fluid. The diagram shows the 
different kinds of contacting of solid particles and a fluid. These are summarized in the 
Table 1.1. 
Minimum fluidization appears at the transition from fixed bed to fiuidized bed, as 
shown in Figure 1.1. The superficial gas velocity at that point is termed the minimum 
fluidization velocity, um / , and the bed void fraction of the bed (i.e., voidage) is termed the 
minimum fluidization void fraction, em / . The minimum fluidization velocity is calculated 
by equating the drag force of the upward moving gas to the net gravity force of the bed. 
The resulting equations for laminar and turbulent flows (Kunii and Levenspiel, 1977) are: 
•w = ^ ^ ( A j ) . ** = 4^*<» ,i.i, 
where dp is the particle diameter, and <j>3 is sphericity of a particle. <f>a is defined as: 
surface of sphere . 
Vs = I » » . • t /both of same volume I •'••"/ 
surface of particle 
The terminal velocity, uj, is defined as the velocity difference between a single particle 
and gas when particle gravity is equal to gas drag on the particle. It can be estimated from 
the correlation of Kunii and Levenspiel (1977): 
tt, = ( 4 g ( / V ' " P , ' ) V ) 1 / % . / " 0.4 < *ep,, < 500 (1.4) 
" 5 PgP-g 
where RePtl = terminal velocity Reynolds number defined as: 
Rep,t = 4 ^ (1.5) 
y-g 
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Bed is packed with solid particles. Gas flow through the pores of the 
bed. Bed height is Lm. 
As gas (or liquid) velocity increases the pressure drop across the bed 
increases. When the upward friction force due to the fluid flow equals 
the downward gravity force minus the upward buoyancy force, the 
bed starts expanding. This is termed minimum fluidization. Bed 
length is Lm / , voidage is em / , and pressure drop is APm / . 
With an increase in flow rate of fluid beyond minimum fluidization, 
large instabilities with bubbling and channeling of gas are observed. 
At higher flow rates, agitation becomes more violent and the move-
ment of solids becomes more vigorous. In addition, the bed does 
not expand much beyond its volume at minimum fluidization. Bed 
height is L/. The pressure drop across the bed remains the same at 
&Pmf. 
At very high fluid velocity (greater than the terminal velocity) and 
low particle concentration, the upper surface of the bed disappears, 
entrainment becomes appreciable, and solids are carried out of the 
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Figure 1.2: Basic systems of gas/solid reactors (Reh, 1986) 
Figure 1.2 shows various fluidized bed regions in the gas-solid system. These are 
summarized in the Table 1.2. "Classical fluidized bed" shown as reactor "A" in Figure 
1.2 is a bubbling fluidized bed. The A, B, C, and D in Figure 1.2 are the symbols of the 
reactors. As shown in the Figure, the slip velocity, u,i is defined as the difference between 
the mean gas velocity and the mean solid velocity in the riser. To transport solids vertically, 
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Aggregative or bubbling fluidization as described in Table 1.1. 
As gas velocity is much greater than particle terminal velocity, par-
ticles circulate around the loop of the CFB. Particles move up in the 
riser center and move down near the riser wall. Particle concentra-
tion is dilute-core and dense-annulus. A lot of particles move in the 
form of clusters in the riser. 
As described in Table 1.1, this is lean phase fluidization with pneu-
matic transport. 
a minimum gas velocity is required. This velocity is termed the chocking velocity, and the 
flow is termed chocking flow. 
1.3 Particle Classification 
There are different fluidization characteristics for different particle properties. Geldart 
(1973) introduced a categorization of particles with respect to how the particles get fluidized 
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in bubbling fluidization. By plotting the density difference between solid and fluid, (pa-pf), 
versus the mean particle diameter, d,v, Geldart obtained the diagram shown in Figure 1.3. 
He divided particles into four groups according to their diameter and the density difference 
between the particle and the fluid. These classifications are summarized in Table 1.3. 
Among these groups, A and B powders are encountered most commonly in practice. 
Two group particles were used in the present study. They belong to Group A and Group 
B powders. 
1.4 Behavior of CFB 
CFB reactors and CFB combustors make use of the process of fluidization, through which 
suspensions of entrained solid particles become hydrodynamically similar to a fluid contin-
uum. Within the CFB, solid particles are lifted by a rising gas stream. 
Generally, a CFB is composed of the riser, separator, standpipe, and solid flow control 
device as shown in Figure 1.4. Accessory equipment include a blower and dust removal 
system. The core of the CFB is the high velocity riser, in which the gas velocity is much 
higher than the terminal velocity of the solid particle. The function of each section of CFB 
is summarized in Table 1.4. 
A special hydrodynamic condition of a CFB is that fine solids (Geldart Groups A or 
B) are transported through the riser at a gas velocity exceeding the terminal velocity of 
average particles, yet there is a degree of refluxing (or backmixing) of solids (Basu, 1992). 
This refluxing means that although the gas is moving upward carrying the solid particle, 
some particles move downward in the riser. 
CFBs exhibit many of the characteristics of conventional fluidized beds of fine particles: 
temperature uniformity in the axial direction, rapid heat-up or cool-down of particles to the 
bulk temperature and small intra-particle temperature gradients (Grace, 1986). Also, the 
CFB has its own particular characteristics, such as the formation of particle clusters, upflow 
of particles at the core and downflow near the wall, and a low particle concentration in the 
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Figure 1.3: Powder classification diagram for fluidization. (Geldart, 1973) 







Group A particles are small and light. The bed will expand before bubbles 
appears when gas velocity is greater than the minimum fluidization velocity. 
Cracking catalysts are in this category with particle size of about 40 to 
80 fan. 
Group B particles are called bubbly. They do not display any cohesive 
properties. Therefore, once the minimum fluidization velocity is exceeded, 
the excess gas appears in the form of bubbles. Solid particles in a CFB 
combustor are in this category. Dense material like glass, sand, ore, and 
light particles over 150 fim are likely to be in this group. 
Group C particles are called cohesive. They are very fine and are especially 
prone to electrostatic effects and inter-particle forces. Gas usually flows 
through the bed in channels which result in lower pressure drop over the 
bed. 
Group D particles are large, on the order of 1 or more millimeters. They 
are used in spouted beds. They differ from group B particles in that as 
the superficial gas velocity increases, a jet can be formed in the bed. The 
bed material is then blown out with the jet in a spouting motion. There 
is considerable bed motion since particles move down and into the jet to 
replace the entrained material. 
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Figure 1.4: Circulating fluidized bed 
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A fast moving fluidized bed in which the solid particles are lifted by 
the rising gas, and gas-particle reactions may take place. It is the 
core of the CFB. Since gas flows at a velocity greater than the ter-
minal velocity of the solid particles, the particles become entrained 
in the gas. The contact between the gas and the particles is a func-
tion of particle properties, gas velocity, particle circulation rate, riser 
geometry, and so on. 
To separate the gas and solid mixture exiting the riser. The gas may 
be fed to another (cyclone) separator, bag house, or other processing 
units. The solids fall through the separator leg to the standpipe. 
To store particles and provide the pressure recovery. The standpipe 
has two region of gas-solid flow: lean-phase and dense-phase zones. 
The height of the solids in the dense zone must be enough to prevent 
bypass of reaction gas through the standpipe. 
These are devices to reintroduce solids into the riser and control the 
flow rate of the reintroduced (or recirculated) solids. Some of the 
most common devices include L-valve, J-valve, and slide valve. 
To supply the gas needed for fluidization 
These may be cyclones, bag houses, or electrostatic precipitators, to 
remove the fine dust (powder) particle from the gas before discharge. 
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core and a high concentration in the annulus near the wall. This last characteristic is termed, 
'dilute-core and dense-annulus' particle concentration distribution. Particle concentration 
can also be called particle hold-up. Details of some CFB characteristics will be reviewed 
and discussed in the Literature Review (Chapter 2). 
There are different operating conditions, particle sizes and distributions, and construc-
tions for different CFB processes. Two of the most important CFB processes are FCC (to 
convert heavy petroleum oil to gasoline) and CFB combustor (to convert coal or other fuel 
into steam for power generation). 
1.5 FCC Process 
Growth of FCC as the major petroleum refining process continues at the rate of about 1.7% 
per year (1989-92). Total world feed capacity now stands at some 10.6 million barrels per 
day (b/d) (Reichle, 1992). There were about 350 commercial fluid catalytic cracking (FCC) 
units in operation in the world (Geldart, 1989). 
Sizes of FCC catalysts are mostly in the range of 40 to 80 fim diameter. The portion 
of size below 40 fim is important for catalysts to flow smoothly in the standpipe for denser 
catalysts. The bulk densities of FCC catalysts are usually in the range of 500 to 1000 
kg/m3. Gas velocities in the riser are not constant because the cracking reaction produces 
more molecules that result in a larger volume of the gas. Plug flow in the riser is ideal 
for FCC. The greater is the gas velocity, the closer is the gas-particle flow to a plug flow, 
and the greater is the attrition. Therefore, gas velocities are in the range of 5 to 20 m/s in 
the riser. Generally, the residence times of gas are between 3 and 5 seconds. The riser of 
FCC has a circular cross-section, is around 33 meters high and around 1 meter i.d. for a 
1,000,000 ton/yr FCC process. The bulk density of catalyst in the riser is around 40 kg/m3. 
The reaction temperature is around 510°C. The pressure is between 1 and 1.5 atm gauge. 
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1.6 CFB Combustion 
1.6.1 Description 
Coal-fired power plants will continue to play a major role in the generation of electricity in 
the upcoming decade. Fluidized bed combustion has the potential to become the method 
of choice of low-grade coal (Farag et al., 1987, 1989) and other low-grade fuels. Simbeck 
and Vejtasa (1989) examined the trends in fluidized bed combustor technology and found 
the field to be moving towards large circulating units. Circulating fluidized bed combustors 
(CFBCs) allow efficient burning of particle solids through enhanced gas solid mixing and 
recycling. There are more than 200 CFBCs in operation or under construction worldwide, 
burning different fuels for cogeneration or power generation (Engstrom and Lee, 1991). 
A diagram of a CFBC is shown in Figure 1.5. The CFBC loop consists of riser 
(combustion chamber), separator, standpipe, and control device. 
The fuel (possibly coal particles) and the sulfur dioxide sorbent (most commonly lime-
stone) are introduced to near the bottom of the riser. The CFBC uses sand as the heat 
transfer media which circulates within the unit. Upon entry into the CFBC, coal and lime-
stone are mixed with the heat transfer media. Solids are fluidized by the primary air, and 
are rapidly heated to the bed temperature. Fuel combustion takes place in the presence of 
primary air. Further combustion takes place when the fuel particles contact the secondary 
air. Gases contact the rising limestone particles, causing the transfer of sulfur from the flue 
gas to the limestone. The heat generated by the combustion is transferred to the water 
tubes (heat transfer surfaces) to heat water and generate steam. The gas solid mixture 
pass through a separator where unburned fuel char, limestone, and sand are removed from 
the fine fly ash and combustion gases. The separated solids are returned to the CFBC 
via a non-mechanical solid eductor (L-valve). The sand helps keeping the fluidized bed 
evenly heated and gives the bed greater thermal inertia, making it easier to control the bed 
temperature. Ash and spent limestone are removed from the bottom of the CFBC riser. 













Figure 1.5: The industrial CFB combustor (Kullendorff et al., 1986) 
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The bed of the CFB combustor contains a mixture of ashes, char and additives such as 
sand and limestone. Figure 1.6 shows particle size distributions from the upper part of the 
bed (sampled in the cyclone leg) and the lower part of the bed (sampled from the bottom 
of the bed). The usual mean sizes of mixed material in the bed are between 200 and 400 
fim. (0.2-0.4 mm). The average bulk particle density in the heat transfer section, which is 
above the entry of the secondary air, is 25 kg/m3 (Leckner 1991). 
1.6.2 Characteristic Hydrodynamics 
Circulating fluidized beds have been extensively studied (Kwauk et al., 1986; Weinstein et 
al., 1986; Rhodes et al., 1988; Yang et al., 1991; Wu et al., 1989; Bader et al., 1988; Horio 
et al., 1988). Their results indicated that the solid particles in the riser are upward-moving 
as a high velocity dilute (low concentration) core surrounded by a falling down dense (high 
solid concentration) annulus. 
1.6.3 Advantages 
There are many advantages of using circulating fluidized bed for combustion. These come 
from the construction and hydrodynamics of CFB. The special hydrodynamic conditions of 
downward particle flow near the wall, lateral particle flux, and high particle concentration 
in the CFB furnace allow excellent gas-solid and solid-solid mixing. Thus, fuel particles fed 
to the furnace are quickly mixed into the large mass of particles, which rapidly heat the fuel 
particles above their ignition temperature without any significant drop in the temperature 
of the bed solids. This feature of a CFB furnace would ideally allow it to burn any fuel 
without the support of an auxiliary fuel. Better gas-solid mixing, higher burning rate, 
and a recycle of the majority of unburned fuel particles contribute to the high combustion 
efficiency of circulating fluidized bed combustors. High fluidizing velocity and easy control 
of heat absorption allows quick response of a CFB boiler to varying loads. Turn-down 
ratio, which is the ratio of maximum capacity to the minimum capacity, is a very important 
parameter in a power plant because of variation the power load. A turn-down ratio of (3 
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PARTICLE SIZE mm 
Figure 1.6: Size distribution of bed material in a commercial CFB boiler. Sand and lime-
stone are plotted as dashed lines because they are fed into the bed (Leckner, 1991) 
or 4):1 has been reported in commercial CFB boiler plants (Dry and La Nauze, 1990). For 
pulverized coal combustor, the reported turndown ratio is greater than 4:1. 
1.6.4 Acid Rain Precursors 
The major disadvantage associated with conventional coal combustion schemes is a high level 
of SOx and NOx emission, resulting in acid rain generation and human health problems. 
To minimize SOx emission, CFBCs use a dry scrubbing process in which SOx laden gases 
are contacted with limestone sorbent particles. 
Nitrogen oxides (NOx) are acid rain precursors. Based on the mechanism of their 
formation, NOx are classified into fuel NOx and thermal NOx. Fuel NOx are produced 
by the incomplete combustion of fuel-bound nitrogen, while thermal NOx are the result 
of the high-temperature reaction of JV2 and 0% in the combustion air. CFBCs operate at 
lower temperatures (producing less thermal NOx) than pulverized coal combustors. Data 
collected in commercial CFB boilers suggest low NOx emission. It is a direct result, es-
pecially for volatile fuels, of staging combustion air into primary and secondary air. A 
substoichiometric amount of air (40%-80% of air) is supplied through the base of the CFB 
furnace as the primary air. Secondary air is introduced above primary air to complete the 
combustion and quench the NOx formation reaction. 
Sulfur capture in a CFB is more efficient than in a bubbling fluidized bed because 
of the longer average residence time of gas in the CFB combustion zone, and the smaller 
average size of sorbents (such as limestone), used to absorb SOx. 
1.7 Heat Transfer in CFB 
1.7.1 importance 
One of the most attractive features of CFBs is the favorable rate of heat transfer to or 
from surfaces. Many CFBs contain heat transfer surfaces to control the temperature and to 
transfer the heat to or from the bed material. The design of heat transfer surfaces is critical 
17 
in the overall CFB design, operation and efficient control. The purpose of a CFBC is to use 
the energy released by fuel combustion to produce steam which drives a turbine to generate 
electricity. Therefore, the combustion heat is transferred from the gas-particle bulk in the 
riser to the riser wall or the heat transfer tube, then to water. The rate controlling step 
(the step with most heat transfer resistance) of this process is heat transfer between the 
gas-particle suspension bulk and the wall or the heat transfer tube. 
1.7.2 Heat Transfer Processes 
There are three basic heat transfer processes in CFBs, as pointed out by Grace (1986): 
gas-to-particle, suspension-to-gas, and suspension-to-surface. In the gas-to-particle heat 
transfer process, the gas penetration distance is the distance in which the entering gas 
stream reaches the suspensions temperature. In a CFB the total bed height is usually 
greater than 6 m. The penetration distance is less than 0.5 m in the suspension-to-gas 
transfer process. The thermal particle penetration time is defined as the time in which the 
temperature difference between the particles and the surrounding gas can be reduced by 
99%. In CFBs, the thermal penetration time is less than two seconds. Particles reside for 
4-10 seconds in a single pass of the bed in typical industrial CFBs (Grace, 1986). Therefore, 
it can be seen that CFB units are nearly isothermal both in terms of the gas stream and 
the solid particles. The heat transfer between the gas-solid suspensions as a whole and heat 
transfer surfaces is of key importance and needs to be considered for effective design. 
The overall suspension-to-surface heat transfer coefficient, h, is the summation of gas 
phase convection heat transfer coefficient, hg, particles convective heat transfer coefficient, 
hp, and radiation heat transfer coefficient, hr: 
h = hg + hp + hr (1.6) 
hg constitutes a small percent in the overall heat transfer and may be easily estimated based 
on correlations for gas alone flowing through the riser. The radiative component, hr, can 
be estimated by regarding the suspension as a gray body. It is the particle convection, hp, 
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which varies most in its analysis forms, and contributes a significant part. 
The mechanism of heat transport between particles and surfaces is generally believed 
that the gas serves as a heat transfer medium and stirring agent for the solids. Clearly, 
the gas-solid flow in the CFB, and particularly the lateral particle flux and the particle 
concentration strongly influence the heat transfer and the thermal efficiency of the CFB 
unit. 
1.8 Motivation 
The flow structure of gas and solid in the riser of a CFB is very complex, at both the large 
scale and at the small scale. Gas and solid affect each other. Four of the most important 
variables that affect the operation of a CFB are the lateral particle flux, the radial particle 
concentration distribution, the particle convection heat transfer, and the pressure balance 
of the complete CFB unit. 
The lateral particle flux is critical to particle convection heat transfer, lateral parti-
cle concentration distribution, and particle residence time distribution. Heat transfer is 
mainly divided into three components, radiation, particle convection, and gas convection 
as explained in Section 1.7. Particle convection is due to particle lateral motion, i.e., ra-
dial particle flux. A number of investigators (e.g., Wu et al., 1991; Martin, 1984; Dry et 
al., 1992) have recognized the importance of radial particle flux in particle convection heat 
transfer and the radial particle concentration distribution. The radial particle fluxes are 
both of academic and practical significance in the application of CFB. As far as we know, 
no direct measurement of lateral particle flux over the riser cross-section has been reported 
in the literature. 
The radial particle concentration in the riser of a CFB unit has the form of dilute-
center and dense-annulus. A certain solid particle concentration distribution is needed 
for an actual process. For example, it is ideal that the particle concentration is evenly 
distributed over the riser cross-section and gas and particle are plug flow for FCC process. 
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Actually, more gas goes through the core of riser where the catalyst is most dilute. Clearly, 
understanding the mechanism of the radial particle concentration distribution is crucial to 
the development of new reactors and new processes for industrial applications. No.t enough 
attention has been paid to understanding the mechanism of the radial particle concentration 
distribution (Li et al., 1991). 
Recently, several investigators have been studying the particle to surface heat transfer 
in CFBs (e.g., Fraley et al., 1983; Grace, 1986; Basu et al., 1987; Wu et al., 1987 and 
1989; Glicksman, 1988; Tremblay et al., 1990; Lints, 1992; Qi and Farag, 1993). The lateral 
(radial) particle flux is a key factor in the transfer of heat from the suspension to the 
surface. The measurements of the particle flux and the investigation of the mechanism of 
heat transfer by particle convection in a CFB provided the base to propose a heat transfer 
model. 
A CFB is one of the most complicated systems. Solid circulation should be maintained 
within a specified range to insure steady, and stable operation. The key to stable operation 
of this system is pressure balance. Pressure balance also influences the average particle 
concentration in the riser. Understanding pressure balance is very important to operate a 
CFB smoothly. Gas velocity, particle inventory in the CFB, and rate of aeration (FA and 
MA in Figure B.3) are major factors affecting the CFB pressure balance. 
1.9 Objectives 
The aim of the present investigation is to study and characterize the hydrodynamic of gas-
solid flow in circulating fluidized beds. The foregoing discussion depicts the basic goals of 
the investigation which are: 
• To study and characterize the radial (lateral) particle flux, 
• To understand the mechanism of the radial particle concentration distribution, 
• To understand the mechanism of particle convection heat transfer and propose a heat 
transfer model, and 
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• To characterize pressure balance in the CFB. 
To meet the above goals several major objectives have been set and accomplished. These 
are summarized in Table 1.5. 








To design special probes to obtain the data of the radial particle fluxes 
in the riser of the combustion loop of the UNH N-CFBC cold flow setup. 
To measure the lateral (radial) particle fluxes and the radial particle con-
centrations over the riser cross-section, at various operating conditions. 
To find the mechanism of and propose a model for the radial particle 
concentration distribution for gas-solid upflow and gas-solid downflow 
based on the momentum balance and the radial particle flux. 
To investigate the mechanism of particle convection heat transfer between 
the gas-particle suspension and the heat transfer surface, and to propose 
a heat transfer model based on the measurements of the radial (lateral) 
particle fluxes. 
To measure the pressure profile in the UNH N-CFBC cold flow setup and 
analyze the pressure balance in the combustion loop of the CFB. 
1.10 Project Scope 
To accomplish the aforementioned goals and objectives, this study has been divided into 
several phases. These phases are explained in Table 1.6. Further details on each phase and 
the approach used are given in Appendix B. 
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Modification of the existing N-CFBC unit. Addition of a cyclone. Changing 
the riser diameter from 8.89 cm to 14.0 cm. 
Testing the gas-solid circulating system. Setting up a system for measuring 
the pressure profile. Modifying the measurement of gas flow rate. 
Design, implementation, and testing of the computer system hardware and 
software of data acquisition. 
Design, construction, and testing of new sampling probes for measuring the 
radial particle flux. 
Design, implementation and calibration of the solid particle concentration 
measuring device. 
Performing experiments to collect data on the radial particle flux, the radial 
particle concentration, and the axial pressure profile. 
Characterization of the radial particle flux. Proposal and development of a 
model to predict radial mass flux. 
Analyzing the nature of the radial particle concentration distribution. 
Proposal of a model of particle convection heat transfer. 
Development of a computer model of the pressure balance around the com-
plete combustion loop of the CFB. 
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1.11 Sequence of Presentation 
The sequence of presentation of material in this dissertation includes a review of related 
work (Chapter 2); Equipment setup (Chapter 3); Measurement techniques of the radial par-
ticle flux, the radial particle concentration, superficial gas velocity, mass flux of solids, and 
pressure profile (Chapter 4); Results of the radial particle flux at different radial positions, 
using two types of particles, and at variety of operating conditions (Chapter 5); Discussion 
of the nature of the radial particle concentration distribution for gas-particle suspension 
upflow and downflow (Chapter 6); Discussion of the mechanism of heat transfer by particle 
convection (Chapter 7); Measurements and analysis of pressure balance (Chapter 8); Con-
clusions (Chapter 9); Recommendations (Chapter 10); and the Appendices which list the 




The subject of the present investigation is to study the radial (or lateral) particle flux, 
the radial particle concentration, and the pressure profile in the CFB loop. The work covers 
the general areas of fluidization, gas-particle measurement in CFB, and pressure balance 
modeling in CFB. This chapter reviews the literature relevant to this work and summarizes 
the pertinent published studies. 
2.1 Measurement Techniques 
2.1.1 Particle Fraction 
Particle fraction in the gas-particle mixture, or particle concentration, can be measured by 
an optical probe, a capacitance probe, or x-ray. Hartge et al. (1986), Horio et al. (1988), 
and Kato et al. (1991) used optical probes to measure particle fraction. The basic principle 
is that the amount of light scattered by particles depends on the particle fraction. 
Hartge et al. (1986) also used a capacitance probe to measure the particle fraction. 
The particle fraction is measured through the change in the capacitance of the gas-particle 
mixture at various particle fractions. 
Weinstein et al. (1986) used x-ray to measure particle concentration. As the particle 
fraction in the gas-particle suspension increases, less x-ray is transmitted through gas-solid 
suspension. 
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2.1.2 Particle and Gas Velocity 
Yang et al. (1988,1991) used Laser Doppler Velocimeter to measure the particle velocity and 
gas velocity. A Laser-Doppler Velocimeter (LDV) uses the frequency information contained 
in light scattered by particles that pass through a fringe or interference pattern to determine 
velocities. 
Yang et al. (1991) used an optical probe to measure the particle velocity. In principle, 
there are two beams of light from a double fiber probe that are placed at two close vertical 
heights. Two optical fiber detectors are used to measure the light reflected by the particles. 
The variations of the reflected lights are converted to electric signals by photomultipliers 
and then processed to a correlator, from which the particle velocity is estimated. 
2.1.3 Axial Particle Flux 
Bader et al. (1988), Rhodes et al. (1988), and Herb et al. (1992) used sampling probes 
to take the data of the axial particle flux. A sampling probe has an opening normal to 
gas-particle upstream or downstream flow. The particles flow out of the riser by suction. 
Figure 2.1 shows two of the probes. For the flux probe on the top of Figure 2.1, the tip of the 
probe was in different axial positions when in the upward pointing (measuring downward 
flux) and downward pointing (measuring upward flux) positions. In order to overcome this 
problem, Rhodes et al. constructed a probe as shown in the bottom of Figure 2.1. Suction 
was used to draw the particles out of the riser. 
2.2 Pressure Balance 
Matsen (1988) analyzed the pressure balance in a CFB. He concluded that the sum of 
differential pressures around a circulation loop must equal zero. 
Yang (1988) proposed a model to calculate the axial voidage profiles in a CFB. Pneu-
matic transport equations of Yang (1977) was used to characterize the dilute phase region of 
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Figure 2.1: Axial particle flux probe (Rhodes et al., 1988) 
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around the complete circulating fluidized bed loop. The dense phase region is assumed to 
consist of a dilute core and a dense wall region. The voidage in the dense wall region is 
assumed to be that of a fluidized bed at minimum fluidization condition. In the dilute core, 
the solid particles are transported pneumatically under choking condition (see Section 1.2) 
as shown in Figure 2.2. 
Rhodes et al. (1992) studied the pressure balance around the loop of a circulating 
fluidized bed of 15.2 cm inside diameter (i.d.) and a height of 4 m, using particles of 74.9 
fim diameter and a density of 2456 kg/m3. They found that the riser pressure drop, and 
hence, riser solid holdup (mass of solid particles in the riser) were not affected by changes 
in the inventory of solids in the system, provided the riser superficial gas velocity and the 
solid circulation flux were held constant. The mean suspension concentration in the riser 
was found to be directly proportional to the ratio of solids flux to superficial gas velocity 
in the riser. 
2.3 Axiai Particle Velocity 
Yang et al. (1988, 1991) used Laser Doppler Velocimeter (LDV) with a backward scatter 
fiber optical probe to simultaneously measure local axial particle velocities and gas veloci-
ties for low particle concentration. At high particle concentration, Yang et al. (1991) used 
cross-correlation technique, in which the local particle velocity measurements were carried 
out with a double fiber probe on the basis of cross-correlating the two probe signals. Ex-
periments were carried out in a 140 mm i.d. and 11 meters high bed with FCC particles 
of diameter of 54 fan and of density of 1545 kg/m3. They added talcum powder with a 
mean particle diameter of about 1 fim to serve as a tracer in the gas-FCC circulating bed 
system and used two signal processors to acquire information on the gas and FCC particle 
velocities. 
At low particle concentration, the radial profiles of the axial gas velocity exhibited the 
higher velocities at the bed center and lower velocities at the region near the wall. The axial 
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Figure 2.2: The model of Yang (1988) 
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gas velocities at the riser center, or core, were 1.5 to 2.0 times the superficial gas velocity. 
Near the wall region, the velocity approaches to zero. 
A sample of Yang's results is shown in Figure 2.3. The particle velocity, Vp, is plotted 
versus the dimensionless radial distance, r/R, at different solid circulation fluxes, G3. Mea-
surements were taken at 3 different heights, h. There were h=1.9 m (Figure 2.3 a), h=2.75 
m (Figure 2.3 b), and h=6.27 m (Figure 2.3 c). The local axial particle velocity increases 
with increasing of solid circulating rates in the center region (r/R<0.845) and decreases in 
the region near the wall (r/R>0.845) at the same superficial gas velocity (shown in Fig-
ure 2.3). By increasing the solid circulating rate, G3, the local gas velocity also increases 
in the central region and decreases in the region near the wall at the same superficial gas 
velocity shown in Figure 2.4. 
2.4 Axial Particle Concentration Distribution 
Axial particle concentration were found to be affected by operating conditions, geometry 
and particle properties. A CFB riser in which the exit is such that particles do not flow 
out easily is termed a riser with strong restriction. An example is a CFB in which the exit 
is perpendicular to the riser and includes an air cushion, as shown in Figure 2.7 schematic 
II. The air cushion is used in the industrial CFB units to reduce attrition of the riser wall 
caused by the collision between particles and the top of riser (Jin et al. 1988). For a riser 
without strong restriction at the exit, i.e., in which particle flow out of the riser is not 
restricted, the axial profile of gas-particle mixture is dense at the bottom and dilute at the 
top. Kwauk et al. (1986) gave the expression for the axial void fraction distribution in the 
riser of a CFB as follows: 
£ ^ i £
 = e i p ( _ i Z i i ) (2.1) 
e - £ z0 
where ea,e~, zo, and z* are constants to be obtained from empirical Equations given by 
Kwauk et al. e is the axial void fraction and z is the height of bed shown in Figure 2.5. 
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Figure 2.3: Effect of solid circulating rates on radial distribution of local axial particle 
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Figure 2.4: Effect of solid circulating rates on radial distribution of local gas velocity 
[u3=4.33m/s] (Yang et al. 1992) 
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and gas velocity are shown in Figure 2.6 (see Equation 2.1). 
The entrance and exit of the bed have an effect on the vertical particle concentration 
distribution (Jin et al., 1988). Figure 2.7 shows the two types of exits of the riser used by 
Jin et al. The difference between I and II is that scheme II had an air cushion, but scheme 
I did not. Figure 2.8 is a plot of the bed height (x=0 is the top of the riser) versus the 
void fraction, e, for three different gas velocities of 4.33, 6.14, and 7.94 m/s. In each case 
the two exits of Figure 2.7 were used. The plots show that, under the condition that the 
exit structure strongly affects two-phase flow, the axial distribution of voidage in the bed 
changes markedly. 
2.5 Radial Particle Concentration Distribution 
The particle concentration is dense near the wall and dilute at the center in the riser of 
a CFB. In other words, the void fraction is lower near the wall than in the center region. 
This has been w»ll documented by several investigators, e.g., Hartge et al., 1986; Horio et 
al., 1988; Weinstein et al., 1986; Kato et al., 1991. A sample of the results of Weinstein 
et al. is shown in Figure 2.9. At the same particle circulation rate, particle fraction in the 
riser decreases with increasing gas velocity. Other researchers obtained the same results, 
dense-annulus and dilute-core, using different techniques at various operating conditions 
for various particles. Hartge et al. (1986) measured the particle concentration of 56 fim 
quartz sand in two units, a 5 cm i.d., 3.3 m high and a 40 cm i.d., 7.8 m high risers, 
using capacitance probes and fiber optical probes. Weinstein et al. (1986) used x-ray to 
measure the local particle concentration in a 15.2 cm inside diameter (i.d.), 8.5 m tall riser 
of 59 fim FCC catalyst. Horio et al. (1988) measured the local particle concentration 
using an optical fiber probe for FCC particles (dp = 60 fim, pp = 1000 kg/m3). Kato et 
al. (1991) used an optical probe to measure the particle concentration of FCC particles 
(dp = 74 fim,pp = 1770 kg/m3) in 15.0 cm diameter and 3 m high riser. Experimental 
measurements in very large industrial units as well as in small units suggest that the local 
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Figure 2.6: Vertical voidage distribution in fast fluidization (Kwauk et al., 1986) 
CO 
140 
Figure 2.7: Different exit structures in a CFB riser. I has 90° bend at the top. II has the 
air cushion. (Jin et al., 1988) 
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Figure 2.9: Radial void fraction distribution in the riser of a 15.2 cm i.d., 8.5m high CFB. 
Particles used are 59 fim FCC catalyst (Weinstein et al., 1986) 
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volume fraction of solids increases continuously towards the wall and is highest at the 
wall. Tung et al. (1988) found that the radial distribution of voidage, e r, in a CFB riser 
depends only on the dimensionless radial distance, r/R, and the cross-section average value 
of voidage, eau. His correlation was: 
£ r = eg.62(r/«)«-«+0.191] ( 2 2 ) 
where r is the radial distance, and R is the radius of the riser. 
There is an emerging consensus among researchers that a major feature of the overall 
flow structure in CFBs is core-annulus segregation. In simple terms, core-annulus segrega-
tion means there exists a relatively dilute upflow core in which solid particles are entrained 
upward by a high velocity gas stream, and a much denser annulus layer near the column 
wall in which solid particles congregate and fall as dense structures. 
Based on the characteristics of dilute-center and dense-annulus, Nakamura and Capes 
(1973) developed an annular flow model for vertical pneumatic conveying, assuming pressure 
drop minimization. This model assumed that the particle flow occurred in two distinct 
regions, the core and the annulus. Each of these regions had different values of gas velocity, 
particle velocity and voidage. They derived the momentum equations for both gas and 
solid at both regions, i.e., the core and the annulus. They also assumed that only significant 
momentum transport occurs across the core-annulus boundary. They compared their model 
with experimental results of other investigators. The predicted model parameters agree 
well with experimental data collected. The model predicts dramatic increases in particle 
recirculation and thickness of the relatively dense annulus near the particle terminal velocity, 
in agreement with the experimentally observed choking phenomenon (Kunii and Levenspiel, 
1977). 
The model of Nakamura and Capes (1973) was modified by Ishii et al. (1989), who 
considered the presence of clusters in the gas-solid suspension. A cluster is a group of 
particles of higher particle fraction than average particle fraction in the riser. Ishii et al. 
also did experiments to measure the cluster size and concentration. Figure 2.10 shows the 
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size and voidage of each cluster measured in the riser of 5 cm i.d. and 2.79 m high. They 
found that voidage in the cluster phase eci is independent of cluster size dc[. 
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Figure 2.10: Observed value of cluster diameter, dci and voidage, ec/ (Ishii et al., 1989) 
Despite the extensive measurement of the radial distribution of particle fraction in 
the CFB riser, less attention has been paid to understanding the mechanism of the radial 
particle concentration distribution. Li et al. (1988) proposed an energy-minimized multi-
scale (EMMS) model for simulating the local dynamics of the gas-solid two-phase flow. 
EMMS is a multi-scale model incorporating the method of energy minimization in two-phase 
flow. The model revealed that the heterogeneous two-phase structure in fluidized beds could 
be attributed to the minimization of energy consumption in suspending and transporting 
particles. Li, Reh, and Kwauk (1991) improved and extended the EMMS model to simulate 
the overall fluid dynamics of CFB, with particular emphasis on the mechanism of radial 
heterogeneity. The model is shown in Figure 2.11. 
According to the EMMS model, local fluid dynamics of fluidized beds is described by 
eight parameters: 































where X is variable vector, £/ = voidage in dilute phase, ec = voidage in dense phase, Uj 
= superficial gas velocity in dilute phase, m / s , Uc = superficial gas velocity in dense phase, 
m/s , / = equivalent diameter of particle cluster, m, Udj = superficial solid velocity in dilute 
phase, m/s , Udc = superficial solid velocity in dense phase, m/s . The conditions for stability 
include 
N3t — minimum. (2-4) 
where N3t is energy consumption rate for suspending and transporting particles in the 
volume enclosing unit mass of particles, J/skg. The minimization of N3t is subject to the 
conditions: 
Fi(X) = 0 (i = l , 2 , . . . , 6 ) (2.5) 
U3C > 0, U.j > 0, Ur> 0, (2.6) 
where F{(X) denotes the usual mass and momentum conservation equations, U3C— slip 
velocity (gas velocity - solid velocity) in dense phase, m/s , U3j = slip velocity (gas velocity 
- solid velocity) m dilute phase, m / s , Ur = slip velocity between gas in dilute phase and 
cluster, m / s . Table 2.1 shows the parameters and formulas of EMMS model. Two of 
three parameters, the radial profiles of gas velocities, Ug(r), the radial profiles of particle 
velocities, Uj(r), and the radial profile of voidage, e(r), must be known to get the third one 
from EMMS model. 
Based on their EMMS model, Li et al. calculated the axial velocity profile of the solid, 
and compared it with the measured data of Bader et al. (1988). A reasonable agreement 
was achieved. 
2.6 Radial Profile of Axial Solid Flux 
Axial solids flux was found to be extremely non-uniform radially, with an upward particle 
flux at the center of the riser and a net downward flux detected in the region near the riser 
wall (Monceaux et al., 1986; Bader et al., 1988; Rhodes et al., 1988; Herb et al., 1992). 
Rhodes et al. (1988) measured the radial distribution of the axial particle flux in a CFB 
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Table 2.1: Table for parameters and formulas of Li et al. model 
Phase 
Parameters " 
Fluid Hiase Density 
Solid Phase Density 
Solid Phase Scale 
Voidage 
Volume Fraction 
Superficial Gas Velocity 
Superficial Solid Velocity 
Superficial Slip Velocity 
Element Reynolds nunber 
Sphere Drag Coefficient 
Sphere Drag Coefficient in Deds 
Nunber of Element in Unit Volune 
Force Acted on an Element 
Total Force 
Pressure 
Power in Unit Volune 
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with a 0.152 m diameter riser. Their setup is shown in Figure 2.12. Their results at different 
mean superficial gas velocity and mean solid flux are shown in Figure 2.13. They plotted 
the upward and downward solids flux versus the dimensionless radial distance. They found 
that both the upward flux in the central region of the riser and the downward flux in the 
wall region decreased with increasing height. The symbol of the probes A, B, and C in 
Figure 2.13 denote the various height of the experimental setup as shown in Figure 2.12. 
Bader et al. (1988) measured axial solid flux in 30.5 cm i.d. cold flow unit. They found 
that the axial mass flux in the center portion of the riser is 3 to 5 times the average mass 
flux in the riser (shown in Figure 2.14). The net mass flux rate decreased with riser radial 
position to a value of zero at about 2.5 cm from the wall (i.e., r=12.75 cm, r/R=0.84). The 
measured mass flux near the wall was found to be in the downward direction at magnitudes 
of 6 to 8 times the cross-section average mass flux in the riser. Figure 2.14 also shows that 
there is no downward particle flux at the center and both upward and downward particle 
fluxes were measured near the wall of the riser. 
2.7 Particle Clusters 
A cluster, which may also be called strands or streamer, is the transport of particles in 
the form of aggregation. Particles do not attach to each other, but they travel in parcels. 
Clusters may be found in the riser core or in the annulus near the wall. The size of a cluster 
in the annulus (near the wall) increases as it moves downward in the annulus. A cluster 
in the core, however, tends to be much smaller and mostly constant of about 15 times the 
diameter of a particle (Horio et al., 1988). There exists a rather wide distribution of falling 
velocities for the cluster at all suspension densities. By averaging all the velocities, Wu et 
al. (1991) obtained 1.26 m/s as the average falling velocity for the cluster at the wall. 
Ishii et al. (1989) did experiments measuring the cluster size and concentration. Figure 
2.10 shows the size and voidage of each cluster measured in the riser of 5 cm i.d. and 2.79 
m high. They found that voidage in the cluster phase eci is independent of cluster size dc\. 
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Figure 2.12: The cold flow CFB facility of Rhodes et al. (Rhodes et al., 1988) 
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Figure 2.14: Axial solid flux in the radial position (Bader et al., 1988) 
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2.8 High Slip Velocity 
As discussed in Section 1.2, the particle slip velocity, ust, in CFBs is defined as: 
slip velocity = true gas velocity - particle velocity 
u3t = Ugz/e-uPz (2.7) 
For a single particle only, u3i is the terminal particle velocity. When the particles form a 
cluster, u„t is much higher than the particle terminal velocity, because the cluster has a 
larger equivalent particle diameter. 
Yang et al. (1992) measured the radial profiles of local slip velocity, u3i in the riser of 
a 15.0 cm diameter and 11 m high CFB. Their results are shown in Figure 2.15 in which 
the slip velocity, u„i in m/s, is plotted versus the dimensionless radial distance r/R. In 
Figure 2.15 (a) the superficial axial gas velocity was constant at 6.14 m/s and the solid flux 
was varied from 9.92 to 35.5 kg/m2s. In Figure 2.15 (b) the axial solid circulation flux, G3, 
was fixed at 22 kg/m2s and the superficial gas velocity was varied from 2.53 to 6.14 m/s. 
Both figures show that u3i is non-uniform, with a flat distribution in the core region and 
a steep line in the region near the wall, and that higher slip velocities appear in the wall 
region as shown in Figure 2.15. 
2.9 Lateral Particle Flux 
Bader et al. (1988) measured particle residence-time distributions using salt as a tracer in a 
riser of 30.5 cm i.d. They found that particle residence-time, even in the centre of the riser, 
was an order of magnitude greater than that of the gas phase. If particles move straight up 
the riser with velocity close to that of gas, their residence time should be the same order 
of magnitude as the gas residence time. Bader et al. concluded that tracer solids from the 
wall region are continuously dispersed from the wall into the gas stream in the riser centre. 
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Figure 2.15: Radial distribution of the slip velocity (Yang, et al., 1992) 
this implies that it is not possible for particles to travel upwards independently without the 
radial component of particle velocity as Dry and White (1992) analyzed. 
Dry and White (1992) gave a very brief explanation of dilute-core and dense-annulus 
from the point of momentum exchange. They thought that lateral solids interchange be-
tween the core and the annulus is an essential feature of a CFB gas-solid system. But 
Dry and White only gave qualitatively explanation of dense-annulus and dilute-core and 
only considered a fixed boundary between the annulus and the core. Actually, the momen-
tum exchange is not restricted in the boundary of the annulus and the core. There is the 
momentum exchange in any cylindrical surface. They did not give the detail analysis. 
Martin (1984) gave an equation to calculate the time-average random velocity up<av 
of a particle in a fluidized bed. The velocity, up<av, was related to the degree of mobility, 
that is to the average distance between the particles in the bed. In order to quantify this 
relationship, the following balance between the kinetic and the potential energies of the 
randomly fluctuating particles was postulated: 
kinetic energy change = potential energy change 
0.5(u2p)av = glpJree (2.8) 
where up<av is the time-average velocity of particle. /p,/ree is the mean free path of the 
particles. It is given by the well-known formula from the kinetic gas theory for the mean 
free path of gas, 
Ipjree = r- „ (2-9) 
V27ra*n 
where n is particle number per free gas volume, and dp is particle diameter. The parameter 
n is given by: 
6 ( l - e ) ( l - e m / ) 
n = —7T r ( 2 . 1 0 ) 
nd3 (e - em /) 
From the kinetic gas theory, the relationship between the square of the average and the 
average of the square of the gas velocity is applied to particles, i.e.: 
K,a»)2 = ^-(4)™ (2-U) 
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where (uPiClv)2 is the square of the average particle velocity, i.e., the particle velocities are 
first averaged and then squared, and (u2)av is the average of the square of particle velocities, 
i.e., the particle velocities are first squared and then averaged. The subscript at;-of uPia„ 
will be dropped in later chapters. 
Substituting Equations (2.8), (2.9), and (2.10) into (2.11), Martin obtained following 
average particle velocity: 
„ - / 9dP ( e - e m ) , . 
U p
- - V 5 ( i - « m / ) d - o (2>12) 
where up<av is the fluctuating particle velocity. 
The lateral particle flux, m r , is mass flow rate of particles moving in the radial (or 
lateral) direction per unit normal area, i.e.: 
radial particle mass rate 
mr = ^ (2.13) 
area 
mr equals the product of the lateral particle velocity, times particle fraction, ( 1 - e ) , and 
times particle density, pp. The relation between the lateral particle flux and heat flux is 
(Martin, 1984): 
qp = mrcp(Tp4 - Tw) 
= Ippi1 ~ e)cPUp,av{Tp<t - Tw) (2.14) 
0 
Therefore: 
m r = g M 1 - e)up,av (2.15) 
where Tp<t and Tw are the particle temperature leaving the wall and the wall temperature. 
qp is heat flux by particle fraction. More details about the heat transfer and the radial 
particle flux are discussed in Chapter 7. Since, 
mr = pp(l - e)uPr (2.16) 
the radial particle velocity can be derived by combining Equation (2.12), (2.15) and (2.16). 
The result is: 
I / 9dP ( e - e m / ) 
6 - p ' a u ~ 6 V 5 ( l - e m / ) ( 1 - e ) UPr = -ZU ,av = C\ITT, 7 — 7 — — I
2
-
1 7 ) 
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Therefore, the lateral particle flux from Martin's theory is: 
2.10 Summary 
Table 2.2 summarizes the basic gas-solid flow behaviors reviewed in this chapter. 
In the CFB riser, the net axial particle flow is upward, but particles flow downward 
near the riser wall. The radial particle concentration increases from the riser center to the 
riser wall. The slip velocity between particle and gas is much greater than particle terminal 
velocity because most particles in CFB riser flow in the form of clusters, which have effective 
diameters much greater than that of individual particles. 
The review clearly supports the motivation of the present work. No measurement 
is available on radial particle flux in the riser of a CFB, or its relation to radial particle 
concentration. These topics constitute the major objective of the present work as discussed 
in Section 1.9. 
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This project was conducted with the objectives of measuring the lateral (radial) particle 
flux, analyzing the radial particle concentration in the riser of CFB, and studying the 
pressure profile in a complete CFB loop. Several phases of work have been included, as 
described in Section 1.10. This chapter discusses the details of experimental setup including 
the CFB loop, the riser, and the particles used. 
3.1 CFB Cold Flow Setup 
The equipment used in this study is the UNH N-Shape Circulating Fluidized Bed Combustor 
(N-CFBC) cold flow setup. It consists of two separate solid circulation loops; the first is 
the combustion loop, and the second is sulfur scrubbing loop, as shown in Figure 3.1. The 
setup was designed to operate at atmospheric pressure and ambient temperature. The 
experiments were performed on the combustion loop of the N-CFBC. The UNH N-CFBC 
cold flow setup was revamped several times during the course of the investigation. Therefore, 
the experiments were conducted on different CFB designs. Two designs will be described 
here. These are the latest design (CFB setup III) and the earlier design (CFB setup II). 
3.2 Latest CFB Design, Setup III 
The schematic diagram of the latest N-CFBC setup is shown in Figure 3.1. The main body 
of the CFB consists of a transparent acrylic column for ease of flow visuaUzation. The 
description of the combustion and sulfur capture loops is given in the next two sections. 
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Figure 3.1: UNH N-Shape Circulating Fluidized Bed Combustor cold flow setup III 
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3.2.1 Combustion Loop 
The combustion loop consists of: 
• Combustion chamber air distributor. 
• Combustion chamber riser of inside diameter = 14.0 cm and a total column height of 
6.4 m. 
• Air cushion, the details of which are shown in an insert in Figure 3.1. 
• Cyclone separator, of diameter = 0.5 m, cylindrical section length = 1 m, conical 
section length = 1 m, the diameter at the bottom of the conical section is 7.62 cm. 
• Cyclone leg, of diameter = 7.62 cm, and length = 1.2 m. 
• Standpipe of diameter = 14.0 cm, and length = 3.3 m 
• J-valve for solids return. Its diameter = 7.62 cm, and its horizontal length = 0.24 m. 
The fluidizing gas, air, was supplied via a 20 hp blower (EG&G Rotron Regenerator 
blower, model DRS9BM72-ND) that can provide air at a maximum superficial velocity of 
7 m/s in a 14.0 cm i.d. column. This velocity corresponds to a maximum air flow rate of 
0.103 m3/s. The air flows through a metal pipe to a double pipe heat exchanger. In the 
exchanger, the air is cooled by chilled water in a double pipe exchanger to insure that the 
air temperature is close to room temperature and prevent over heating and possible melting 
of PVC pipe. The cooled air is ducted in a 7.7 cm PVC pipe between the heat exchanger 
and the N-CFBC loop, and is passed through an orifice meter before entering the base of 
the riser. The superficial air velocity in the riser can be varied by a 3 inch gate valve which 
is located between the chilled water exchanger and the orifice plate. 
Air entering the bottom of the CFB is passed through the combustion chamber dis-
tributor. The air distributor is a stainless steel screen. The screen has holes of diameter 
less than 200 fim. The air leaving the distributor is mixed with the solid particles entering 
the riser through the J-valve. Gas and solid particles flow cocurrently upward through the 
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riser. The top of the riser is equipped with an air-cushion (point 15 in Figure 3.1). The 
details of the air cushion are given in the insert in Figure 3.1. The gas-solid particle mixture 
exiting the cushion is fed into a cyclone (point 16). The separated air leaves at the top 
of the cyclone, exits the combustion loop, and enters the sulfur capture loop. The solids 
separated by the cyclone fall down into the cyclone leg (diameter = 7.62 cm and length = 
1.2 m) (point 17) and then into a clear, acrylic standpipe, 140 mm i.d. and 3.1 m high 
(point 18). The particles are reintroduced into riser through a non-mechanical J-type valve. 
This completes the circulation of the solid particles. 
The transparent J-valve controls the solid particle circulation rate. This control is 
accomplished by introducing two air streams into J-valve, the first in the standpipe, and the 
second in the J-valve horizontal section. The air fed to the standpipe is termed motivation 
air (MA), while the air introduced into the J-valve is termed fluidization air (FA). The flow 
rates of both MA and FA control the rate of the circulating solids. These air flow rates are 
in turn controlled by two King Instrument rotameters. The maximum flow rate of each of 
the two King Instrument rotameters is 510 cm3/s. 
3.2.2 Sulfur Capture Loop 
A brief description of the SOx scrubbing loop is given here for the sake of completeness, 
since all the experiments were performed in the combustion loop. 
• Sulfur capture chamber of diameter = 19.1 cm, height = 1.94 m. 
• Standpipe of diameter = 7.6 cm, and length = 1.92 m. 
• J-valve of diameter = 7.6 cm, horizontal length = 0.18 m. 
• Sulfur capture loop riser, of diameter = 7.6 cm, length = 4.9 m. 
• Cyclone separator, of diameter = 0.5 m, cylindrical section length = 1 m, conical 
section length = 1 m, the diameter at the bottom of the conical section is 7.62 cm. 
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• Bag house to separate fine solids. Bag house consists of a header (diameter = 10 cm, 
length = 1.14 m) which acts as a manifold. Nine cloth bags are connected in parallel 
from the header to the sold discharge lines. Each cloth bag has a diameter of 10 cm 
and a length of 0.9 m. 
Flue gas (simulated by air) leaves the combustion loop through a pipe of 10.0 cm 
diameter and enters the SOx dry-scrubbing loop. Glass beads (simulating the limestone 
sorbent) are introduced at the top. The air flows up and through the SOx scrubbing zone 
countercurrent to the glass particles. The countercurrent flow insures intimate contact 
between the air and particles. The air-particle mixture enters a cyclone where particle are 
separated and returned to the loop through a J-valve. The air leaving the cyclone enters 
a bag house before being vented. The bag house is used to capture fine particles escaping 
from the cyclone. Solid particles which flow down the capture loop are reintroduced into the 
SOx capture loop riser by means of a J-valve. The sulfur capture loop riser is a pneumatic 
lift line. Its function is to transport the particles from the bottom of the unit to the top of 
the SOx capture chamber. 
3.3 Earlier CFB Design, Setup II 
Figure 3.2 shows one of the earlier CFB designs (CFB setup II). The basic configuration is 
the same as the CFB design setup III in that the CFB design setup II included two solid 
circulation loops, one for combustion, and the second for sulfur capture. 
3.3.1 Combustion Loop 
The combustion loop consisted of: 
• A primary combustion zone, of diameter = 8.89 cm, and height = 2.83 m. 
• A secondary combustion zone of diameter = 14.0 cm, and height = 3.28 m. 
• An air cushion at the top of the riser of secondary combustion zone. The details of 
which are shown in an insert in Figure 3.1. 
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• A top bend consisting of a U tube of diameter = 14.0 cm. The distance between the 
centers of the two sides of the bend is 0.47 m. 
• A combustion zone downcommer, of diameter = 14.0 cm, and length = 3.77 m. A 
downcommer is a pipe in which both particles and gas flow downward. 
• An inertial solid separator, in which the gas is forced to make a sharp turn to exit 
into the cyclone. Diameter of the separator = 14.0 cm. 
• Cyclone separator, of diameter = 0.5 m, cylindrical section length = 1 m, conical 
section length = 1 m, the diameter at the bottom of the conical section is 5.0 cm. 
The diameter of the air exit pipe is 10.0 cm. 
• Cyclone leg of diameter = 5.0 cm. 
• A standpipe of diameter = 7.62 cm, and length = 2.34 m. 
• An L-valve to return solids to combustion loop. The L-valve has a diameter of 7.62 
cm and a horizontal length of 0.47 m. 
The flow of primary and secondary air was adjusted to maintain about the same air 
velocity in the primary and secondary combustion chambers. 
3.3.2 Sulfur Capture Loop 
The sulfur capture loop in setup II is similar to the loop in setup III (Section 3.2.2), except 
that an L-valve was used to feed the solids to the sulfur capture loop riser. 
3.4 Solid Particles 
Two types of solid particles were used in the UNH N-CFBC cold flow setup. These were 
glass beads and FCC catalyst. In a given run, the particles were either glass beads or FCC 
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Figure 3.2: Earlier UNH N-CFBC cold flow setup II 
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MS-H, and were supplied by the Stone Container Corp. The FCC catalyst was a Mobil 
regenerated FCC catalyst. 
3.4.1 Glass Particles 
The glass beads used to simulate coal in the combustion loop have a mean diameter of 200 
fim, and may be classified as Geldart Group B (see Figure 1.3). The particle density is 
2500 kg/m3 , and the measured bulk density is 1500 kg/m 3 . The particle size distribution 
of glass beads was measured by a series of screen mesh sizes. It is listed in Table 3.1 and 
shown in Figure 3.3. 































The minimum fluidization and terminal velocities of the glass beads are approximately 
0.034 m / s and 1.6 m/s , respectively. The minimum fluidization velocity, u m / , is defined as 
the superficial gas velocity at onset of fluidization. It is calculated from following equation 
(Kunii and Levenspiel, 1977): 
_
 dl(Pp ~ Pg)9 
lm] •> RCp,mf < 20 (3.1) 1650fig 
The equation is valid for a particle minimum fluidization Reynolds number, Rep<mj, less 





The particle terminal velocity is calculated using Equation (1.4) in Section 1.1. 
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The minimum fluidization void fraction, em / , is 0.4. It is estimated from the void 
fraction, ep, of packed bed. ep is calculated from following equation: 
_ bulk density 
p
 particle density 
3.4.2 FCC Catalyst 
The FCC catalyst is a regenerated catalyst from Mobil Oil Corporation. It has a particle 
density of 1500 kg/m3. Its bulk density was measured to be 820 kg/m3. The average particle 
diameter is around 70 fim and may be classified as Geldart Group A (see Figure 1.3). 
For ease of comparison, the properties of both particles are summarized in Table 3.2. 




























The experiments were performed in the CFB loop consisting of 6.4 m high riser of diameter 
= 14 cm. Two types of particles, 200 fan glass beads and 70 fan FCC catalyst, were used 
in the experimental runs. The CFB loop was described, and the properties of the particles 





The focus of this study is the measurement of radial particle fluxes, radial particle con-
centration profile and pressure distribution in the complete CFB setup. The investigation 
of the mechanism of radial particle fluxes is another major objective. These studies require 
careful experimental measurements. 
This chapter discusses the techniques used in measuring the important parameters. 
The techniques of the experimental measurements are summarized in Table 4.1. This is 
followed by a discussion of the experimental methods for measuring the parameters needed 
to characterize the flow of gas, solids, and the complete CFB unit. 














gas flow rate 
solid particle flux 
particle fraction, ( 1 - e ) 
Method of Measurement 
specially designed probes 
J-type thermocouple + data acquisition system 
water manometer 
switch wafer system + data acquisition 
orifice, rotameter 
ruler and stop watch 
capacitance probe + data acquisition system 
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4.1 Superficial Gas Velocity Measurements 
The velocity of air from the Roots blower was measured by an orifice plate with 3.81 cm 
diameter hole. The orifice plate was calibrated using a Pitot tube which was inserted in a 
pipe of 7.7 cm i.d. to calibrate the orifice meter. The orifice plate was connected to a U 
tube manometer. The Pitot tube pressure difference was read via a water manometer. The 
calibration data are given in Table 4.2. where ug<max is calculated as follow: 
Table 4.2: Orifice calibration data 
Orifice Right, cm H20 
Left, cm H2O 
pressure drop, APa, cm H20 
pressure drop, AP0, Pa 
Pitot Trbe inch H20, APP 
u3 ,mai in 7.7 cm pipe 











































Ug,maX = «/ ~ (4.1) 
V Pg 
where APP was obtained from Pitot tube. Then, assuming gas velocity in the radial direction 
follows an one-seventh power velocity equation, the average gas velocity is calculated. 
For the orifice manometer, the table lists the reading on the right and left sides of 
the manometer, AP0 of the orifice manometer (in cm H20 and in Pa), the corresponding 
Pitot tube pressure drop, APP, the velocity calculated from the Pitot tube APP, and the 
calculated superficial velocity in the 14.0 cm riser. The velocity in 14 cm riser was correlated 
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7 8V^0u (4-2) 
where the AP0 is pressure drop of the orifice in Pa. u9o denotes the gas velocity (in m/s) 
calculated at the orifice temperature, T0 (~ 55°C), and orifice pressure, P0. This equation 
is valid for gas velocity in the range of 1 m/s to 7 m/s . 
When the air leaves the blower, it is hot (>55°C). It cools off as it enters the riser. 
Because the pressures and the temperatures at the orifice and in the riser are different, a 




where Pr and Tr (~ 35°C) are the operating pressure and temperature measured at pressure 
tap 7 of Figure 3.1, and ug is the average axial gas superficial velocity at pressure tap 7 in 
the riser. 
4.2 Particle Flow Rate 
The circulation rate of solid particles in the loop was calculated by measuring the time for 
one particle to travel a fixed distance down the vertical transparent standpipe (Burkell et 
al., 1988). Assume that all solid particles travel at the same velocity down the standpipe. 
This condition is termed plug flow. The plug flow assumption enables the calculation of an 
average particle velocity in the standpipe, uap. Next, the solid circulation rate is calculated 
as: 
4 
circulation rate = pb —u3p (4-4) 
where D3i is the diameter of the standpipe; pb is the bulk density of particle in the standpipe; 
u s p is particle velocity in the standpipe. The bulk density was calculated assuming the 
average void fraction in the standpipe to be 0.5, based on observation of particle flow in the 
dense phase region of the standpipe. 
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4.3 Temperature Measurement 
In order to calculate the gas superficial velocity, ug, using Tr and T0 from Equation (4.3), 
the temperatures at the orifice and at pressure tap 7 were measured using two J-type 
thermocouples. The bed temperature was not controlled. The air out of the blower was 
cooled in a double pipe heat exchanger prior to entering the bed. The range of temperature 
in the riser was 35 to 55 °C. 
4.4 Pressure Measurement 
The pressure drop across the orifice plate and the pressures at both orifice plate and pressure 
tap 7 were measured by water manometers. These measurements were needed for calculating 
the gas superficial velocity. The pressure profiles around the complete CFB loop were 
obtained by a computerized switch wafer system. 
4.5 Switch Wafer System 
A computerized switch wafer system (Li et al., 1992), which has a single high-accuracy 
pressure transducer for multi-points pressure measurement (24 points in this case), was used 
to measure the pressure profiles in the combustion loop of the N-CFBC. The computerized 
switch wafer system consists of three parts: automated multiplexer, transducer, and data-
logger/computer, as shown in Figure 4.1. The automated multiplexer consists of a switch 
wafer, a solenoid drive, and a solenoid controller. Twenty-four pressure taps are connected 
to the switch wafer via polypropylene tubes. 
The switch wafer, driven by the solenoid drive, can be rotated step-by-step to connect 
any of the twenty-four different channels to the pressure transducer. The solenoid drive can 
operate a maximum of five switch wafers, therefore it can sample a total of 120 pressure taps. 
The solenoid controller function is to control the operation of the solenoid drive. A built-in 
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Figure 4.1: Switch wafer system (Li et al., 1992) 
30 steps/second to 1 step/45 minutes. The stepping speed is selected and adjusted at the 
panel of the switch wafer controller. The switch wafer can be controlled externally. This 
control is achieved by switching on/off the remote single-step button. Each time the switch 
is turned on the solenoid drive advances by one step to sample the next pressure tap. The 
switch wafer, the solenoid drive and controller are commercial products of the Scanivalve 
Corporation. The pressure transducer is from Omega Corporation. Its linear voltage output 
is 0-5 V DC for a pressure range of 0-25 psi, which gives the following relation: 
pressure(pa) = 34475 voltage (V) (4.5) 
The microcomputer and hardware used to scan the pressure data are described in 
Section 4.8. 
4.6 Radial Particle Flux Measurement 
4.6.1 Probe Construction 
The radial particle fluxes were measured with two specially designed probes shown in Fig-
ure 4.2. In order to sample the radial particles by gravity, the probe was designed to include 
a 45° inclined section and a vertical section. The opening at the tip of the 45° section is 
parallel to the vertical section, as shown in Figure 4.2 and 4.3. The probes were fabricated 
from stainless steel tubing. A 5 mm stainless steel tube was bent 45°. In order to sample 
the radial flux of particles by gravity, the two probes were placed at angles of 45° from the 
vertical. The probes were supported by tube fittings as shown in Figure 4.2. Flexible plastic 
tubings were installed between the tubes and tube fittings to move the probe easily and to 
prevent the leakage of particles or gas. The vertical section of each probe was connected to 
clear flexible plastic tubings to observe the collected particles. The opening area at the tip 
of each probe is vertical (Figure 4.2 and 4.3) and hence the probes only measure the radial 
component of the particle flux. Air in the probe approximates stagnation because no air 
flows through the sampling probe. The net air flow in the radial direction in the riser is 
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Figure 4.2: Radial particle flux and particle concentration measurement 
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To minimize the escape chances of the particles entering the probe, the top part of 
the probe opening was covered by a small piece of very thin copper plate as shown in the 
A-A section of Figure 4.2. The copper plate was attached with epoxy glue. As a result, the 
open probe area for particle collection was 19 mm2. 
When the riser is operating, the radially moving particles entered the probe through 
the opening, moved down the 45° section by gravity then settled in the vertical clear tube 
section. Solids were collected in each probe for a timed period, and weighed. 
4.6.2 Probe Location 
Measurements were taken between pressure taps No. 6 and 7 of the N-CFBC unit (Figure 
3.1), at a height of 2.57 m above the distributor. The probes were adjusted to measure 
the radial flux at the wall, moved toward the center of the riser with approximately ten 
measuring steps, and then moved from the center to the opposite side of wall of the CFB 
riser with additional ten measuring steps, as shown in Figure 4.3. A ruler is used to measure 
the distance of the tip of a probe away from the wall. 
Because the radial particle flux probe was placed an angle of 45° from the vertical, 
the measured fluxes at different radial locations are not exactly at the same height. The 
differential in elevation between the highest point and the lowest point is 14.0 cm. The two 
probes were mounted at opposite sides of the riser wall, such that the two probes are at the 
same elevation at the riser center-line (r=0). 
4.6.3 Inward and Outward Radial Fluxes 
When the radial flux probe was moved from the wall to the riser center, the probe measured 
the particle flux moving in the radial direction from the center to the wall (i.e., outward 
particle flux). The probe measured the radial particle flux moving from the wall to the 
center (i.e., inward particle flux) when it was moved from the riser center to the opposite 
wall. Each probe measures the outward radial flux at 10 points and the inward radial flux 
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Figure 4.3: The radial particle flux probe 
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collection points was 0.5 cm when r > 5 cm (near the wall), and 1.0 cm when r < 5 cm 
(riser core) as shown in Figure 4.3. 
4.6.4 Calculation Procedure 
Generally, the time period for particle collection at each point is more than 60 seconds. The 
raw data recorded were: 
• Sampling period for particle collection, t3. This ranged from 40 seconds to 120 seconds 
for both glass beads and FCC catalyst. 
• Radial position, r. 
• Mass of particles collected, wp. This ranged from 1.5 to 35 gram for glass beads, and 
1.0 to 25 gram for FCC catalysts. 
The radial particle flux mr is calculated as follows: 
m
' = TA <4-6) 
where Ap is open area of probe, i.e., 19 mm2. 
4.6.5 Sources of Error 
We believe that the samples taken by the radial particle flux probes are isokinetic. It is 
estimated that the errors of samples were small when measurements were not taken very 
close to the riser wall. While the radial flux probes were near the wall, the static electricity 
might have affected the flow of particles. This might have introduced large error in the 
sampling of solid. The detail of the effect of static electricity are discussed in Chapter 5. 
Another source of error is that the probe may influence the gas-particle suspension flow to 
affect the measurement of the radial flux. Because the radial particle flux probe was our 
most accurate technique to measure the radial particle flux, it was hard to estimate exact 
error. 
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4.7 Particle Concentration Measurement 
4.7.1 Background 
Local particle concentration is measured by Capacitec capacitance system, which includes 
a capacitance probe, Capacitec 6100-SC box, and 6200-SU. Briefly, the capacitance probe 
works on the concept of the certain particle concentration correspond to certain capacitance. 
The particle fraction is measured through the change in the capacitance of the gas-particle 
mixture at various particle fractions. 
4.7.2 Description of System 
The capacitance probe system is shown in Figure 4.4. It consists of: 
• A probe with a sensing tip 8 mm diameter. 
• An amplifier and an input card (Capacitec 6100-SC box). The output is a capacitance 
measurement. 
• An instrumentation rack unit to connect the capacitance measurement into DC voltage 
(Capacitec 6200-SU instrumentation rack unit) 
• The signal from the Capacitec 6200-SU goes to the real-time data acquisition for 
charting and data storage. The data acquisition setup is described in Section 4.8. 
The sensing probe was mounted 10.0 cm higher than the particle flux probe at the 
wall and was moved horizontally in the radial direction. 
4.7.3 Calibration 
The probe was calibrated using a suspension of 200 fim glass beads in petroleum jelly 
(Fregeau et al., 1992). Several values of glass bead solid fraction were prepared in beakers 
by adjusting the mass of glass beads in a fixed volume of petroleum jelly. For each specific 
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Figure 4.4: The capacitance probe 
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were recorded. Five independent readings were taken at each solid fraction. Least square 
fits of the voltage versus solid fraction data were performed. A plot of the glass beads data 
and the fitted line is shown in Figure 4.5. The errors in measuring the particle concentration 
was estimated to be about 30% for the calibration in the jelly. 
The relation between the glass bead particle concentration in air, expressed by the 
particle fraction (1 - e), and the measured D.C. voltage (in volt) is: 
(1 - e) = 0.167 voltage {V) (4.7) 
This equation was obtained by using a packed bed to measure the particle concentration in 
air. Two particle fractions were used; at (1 - e) = 0 and (1 - e) = 0.6 and assuming the 
linear relation between (1-e) and voltage. In a CFB the relation between voltage output of 
the capacitance probe and the solid concentration may not be exactly linear. We assumed 
the relation between (1 - e) and V to be linear based on the measurements using jelly as 
the medium, as shown in Figure 4.5. 
For the FCC catalyst particles, it was assumed that the relation between the solid 
fraction (1-e) and the output voltage is also linear. The output voltage was measured to be 
1.94 V at FCC particle fraction is 0.55. Therefore, the equation for FCC catalyst: 
(1 - e) = 0.284 voltage {V) (4.8) 
The difference of constant between Equations (4.7) and (4.8) is caused by the difference 
between the glass beads and the FCC powder material. Each has the different dielectric 
properties, which affect the capacitance to be measured. 
4.8 Real-Time Data Acquisition 
Real time data acquisition and instrumentation control were performed using a PC micro-
computer equipped with Labtech Notebook (NB) software for data analysis (Farag, 1988). 
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Figure 4.5: Voltage output v.s. particle fraction (1 - e) for glass beads. (Fregeau et al., 
1992) 
In each case a measuring sensor was installed on the CFB to measure the variable, a 
transducer was used to convert the measurement into electric DC voltage, and transmission 
lines were used to transport the signal from the transducer to the analog to digital board 
in the computer. 
4.8.1 Particle Concentration Measurement 
For particle concentration measurement, the D.C. voltage output from the instrumentation 
rack unit (Capacitec 6200-SU) was fed to a real-time data acquisition, as shown in Figure 
4.6. The microcomputer used is a Zenith 248-84, with a 512K random access memory 
(RAM) and a hard disk. It is equipped with the following hardware: 
• MetraByte DASH-8 board analog-to-digital (A/D) converter that accepts a continuous 
analog signal input (-5 to +5 V) and decodes it to discrete digital input, with 12-bit 
resolution. 
• MetraByte 8-channel data box. This is a screw-terminal box to which the analog 
signals may be directly connected. It can also be connected to the MetraByte EXP-
16 multiplexers. 
• Two MetraByte EXP-16 Multiplexers to expand the DASH-8 board capability to 
access a large number of channels. The EXP-16 are connected in parallel with the 
DASH-8 board. Each EXP-16 board is equipped with 16 differential input channels, 
signal filtering, and switch-selectable amplification. The amplification gain on the 
EXP-16 is set to 1 for capacitance measurement. 
The user-friendly software Labtech Notebook (NB) was used for data acquisition, data 
storage, and data analysis (Farag, 1988). The sampling time, or the number of data col-
lected, was set in NB by the user. In this work, the sampling rate was set to be 20 Hz. The 
stage duration for each particle fraction measurement was around 15 seconds. Thus, 300 
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Figure 4.6: Real-time data acquisition for particle concentration measurement 
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4.8.2 Temperature Measurement 
Temperatures were measured by J-type thermocouples. The D.C. voltage from the J-type 
thermocouples was fed to the real-time data acquisition described in Section 4.8.1. 
4.8.3 Pressure Profile 
For pressure profile measurement, the computer hardware used is the same as that for 
particle concentration measurement, with the addition of the following board: 
• MetraByte DDA-06 board equipped with an ERB-24 electromechanical relay box to 
permit a digital signal from the computer to switch the remote single step button (on 
or off) to control the solenoid stepping. 
The NB software is also used for pressure data acquisition, pressure data storage, 
pressure data analysis and stopping of sampled tap. The stepping speed of the solenoid is 
set from the software by specifying the sampling rate. The sampling time for each channel, 
or the number oi data collected for each channel, was also set from NB. The noise of the 
data acquisition system was 0-40 mV when the pressure signal is directly fed to the Dash-
8 board. It has been reduced to 0-1 mV after the signal was amplified by 50 gains and 
was hardware-filtered by an EXP-16 multiplexer. A BASIC program (Li et al., 1992) was 
developed to convert the voltage readings into pressure data, to then calculate the time-
average value of the pressures at each point, and to write the pressure profile on a file. The 
file was imported in LOTUS to graph the pressure distribution around the loop. 
For measuring the pressure, the sampling rate was set to 17.3 Hz, the scaling factor 
was 0.1 and the offset constant was 0.5. The gain on the EXP-16 multiplexer was set to 10. 
4.9 Static Electricity 
One of the major technical difficulty encountered in running the CFB was the build-up and 
discharge of static electricity. This problem has been recognized in the literature. The static 
charge causes some particles to stick on the pressure taps and the riser wall. Sometimes, the 
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discharge of static electricity caused sparks which were one or two feet long. Two methods 
were attempted to reduce its effect. 
The first method was to add a fine powder, termed Larostat 519 (Quaternary Ammo-
nium Compound, PPG), into the system (less than 1% of total inventory). It was observed 
that Larostat 519 reduced static electricity dramatically. Much less particles stuck on the 
pressure taps or on the riser wall. But, the use of Larostat caused another problem. Par-
ticles became difficult to be circulated in the standpipe and the L-valve. The effect of 
Larostat 519 was like adding water into the system. Sometimes a group of particles stick 
together, which was not desirable in the present work. Consequently, the glass particles 
mixed with Larostat were completely withdraw from system. Fresh glass particles (without 
Larostat) were loaded into CFB system. The remaining trace of Larostat in the CFB setup 
seemed to help reducing the static electricity, without affecting particle circulation. 
The second method used to reduce static electricity was the construction of a Faraday 
metal cage and the use of scotch tape. Strips of scotch tape holding a very thin coper wire 
were taped axially along the inside riser wall. The copper wire was grounded outside the 
CFB unit. It was observed that the use of the scotch tape resulted in less particles sticking 
on the pressure taps, but more particles clung to the tape, especially around the copper 
wire. 
4.10 Summary 
It was most important to specially design and fabricate the radial particle flux probes in 
order to measure the lateral particle fluxes directly. The radial particle flux probes had 45° 
degrees from the vertical to collect particles by gravity. The opening surface of each probe 
was parallel to the vertical. Particle concentration was measured by a capacitance probe. 
By varying the location of the capacitance probe and the radial flux probes, a series of 
particle concentration and radial fluxes (inward and outward) were obtained at a specified 
gas flow rate. 
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A switch wafer system was used to obtain the pressure profile of the CFB loop and 
establish the data for the pressure balance. The experimental data from capacitance probe 
and switch wafer were acquired and stored by EXP-16 multiplexers, DASH-8 board, and 
Zenith 248-84 microcomputer. 
81 
Chapter 5 
RADIAL PARTICLE FLUX 
The radial (lateral) particle motion is important to the heat transfer from the gas-solid 
suspension to the CFB riser wall. The radial particle flux influences the particle convection 
heat transfer, the radial particle concentration distribution, and the particle residence time 
distribution. The design of the radial particle flux probes and the method for measuring 
the radial particle flux were presented in Chapter 4. Experimental results of the radial 
particle flux for glass beads and FCC catalyst are presented in this chapter. The relation 
between the radial particle fluxes and the radial particle concentration distribution in the 
riser will be discussed in Chapter 6. Based on the measurement of radial particle fluxes, a 
heat transfer model is proposed in Chapter 7. 
5.1 General Description 
Two newly designed radial particle flux probes (shown in Figure 4.2) were used to measure 
the particle fluxes in the radial direction. The two probes have the same diameter, opening 
area, and angles from the vertical. Both probes enter the riser at the same height, one was 
placed on the left side and the other on the opposite side as shown in Figure 4.2. Two 
independent sets of measurements were taken across the riser to check the symmetry of the 
radial particle flux, and to measure both inward and outward radial fluxes. 
In our experiments, it was observed that the flow rate of particles entering the radial 
flux probe at any given radial position fluctuated with time. The magnitude of the particle 
flow into the probe at any given radial position fluctuated, with the fluctuations lower at 
the central core of the CFB than closer to the wall. This phenomenon was attributed to the 
presence of dense groups of particles or clusters, which have higher particle concentration, 
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surrounded by a dilute phase. In the absence of a cluster the mass of particles entering 
the probe is relatively steady. When a cluster flows past the tip of particle flux probe, 
additional particles will enter the probe causing the fluctuation. Since clusters of particles 
tend to appear more at the wall region than in the core, the fluctuation was more observed 
near the riser wall. It was observed that the movement of clusters had a radial component. 
Further discussion of the effect of cluster on the radial particle flux is given in Section 5.7. 
5.2 Radial Variation of the Radial Particle Flux 
Experimental data of the radial particle flux, m r , at different superficial gas velocities, 
ugz, and different solid axial fluxes, Ga, were measured in the CFB setup III, shown in 
Figure 3.1. Both axial gas velocity, ugz, and solid axial particle flux, G„, were changed. 
u9z was changed by the 7.62 cm gate valve located between the air cooler and the orifice 
meter. G3 was changed by adjusting the fluidization air (FA) and motive air (MA) to 
the combustion 'oop J-valve. The results are plotted in Figures 5.1 to 5.6 and listed in 
Tables 1 to 6 of Appendix A. Each figure has 2 plots (a) and (b). Figures 5.1 (a) to 5.6 
(a) show the radial variation of the measured radial particle flux and Figures 5.1 (b) to 5.6 
(b) show the corresponding radial profile of particle concentration, or solid fraction, (1-e). 
All data were measured at an elevation of 2.57 m measured from the gas distributor plate. 
The experimental conditions of the measurement of Figures 5.1 to 5.6 are summarized in 
Table 5.1. All runs were made using glass beads. 
Two sets of data are plotted on the (a) side of each figure. The data with a square 
symbol are those data measured from left to right. This means that the probe is introduced 
from the left side of the riser. Therefore, for -7 cm < r < 0 the square symbol represents 
the outward moving radial particle flux, while for 0 < r < 7 cm it represents inward moving 
radial particle flux. The triangle symbol represents the probe entering from the right side of 
the riser. Its measurements are the opposite of the square symbol probe. This information 
is summarized in Table 5.2. 
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Table 5.1: Experimental conditions of radial particle flux and radial particle concentration 
runs using glass beads 
Experimental unit: CFB setup III 
Glass beads, 200 fim, />p=2500 kg/m3 
Temperature as 38°C 
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Side of riser from 
which it is introduced 
Left (r=-7 cm) 
Right (r=+7 cm) 
Radial particle flux measured 
-7 cm < r < 0 
outward 
inward 




It was found that the radial particle flux was always lower at the center region (or 
core) than at the wall region (or annulus), as shown in Figures 5.1(a) to 5.6(a). Comparing 
the radial particle flux distribution plotted in the (a) side of each figure, and the radial 
particle concentration plotted on the (b) side, it was clear that both distributions were 
more uniform at the center region than that at the wall region. These profiles were similar 
to particle velocity distribution of Yang et al. (1992), shown in Figure 2.3, and reviewed 
in Section 2.3. There was a sharp rise of the radial particle flux near the wall. For our 
experimental range, the radial particle fluxes were the roughly same of 0.5 to 5 kg/m2s for 
glass beads at the center region of the CFB. The ratio of radial particle flux at the wall to 
that at the center, mr<wati/mr<ce„ter, is three to fifteen (Figures 5.1(a) to 5.6(a)), mostly ten 
at our experimental conditions. The region of uniform radial particle flux becomes smaller 
with increasing average particle concentration over the cross-section. This can be seen by 
comparing Figures 5.1(a) and 5.4(a). 
The radial particle fluxes close to the wall were measured to be in the range of 5 to 
40 kg/m2s. The particles used were glass bead with solid fluxes of 10.3 to 23.9 kg/m2s and 
average particle concentrations less than 10%. The dimensionless ratio of the local radial 
mass flux to axial mass flux, mr/G3, was in the range of 0.05 to 2. In most cases, the radial 
particle flux is constant from r=0 to r=4 cm, which can be seen from Figures 5.1(a) to 
5.6(a). 
The data of the radial particle flux show that the fluxes measured by the two probes 
are roughly the same in the region of r < 6 cm, and are different where r > 6 cm especially 
close to the wall. Sometimes, the measured inward fluxes are more than twice as much as 
the outward fluxes near the wall (r > 6.5 cm). The relation between the inward and outward 
radial fluxes depends on the pressure gradient at different heights. If the pressure gradient 
is not the same, then some of the axial flow particles may move in the radial direction. This 
causes the inward and outward flux to differ. If the pressure gradient is the same, then the 
axial flow is constant, and the inward and outward radial fluxes are the same. 
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Figure 5.1: Measured radial particle flux (a) and radial particle concentration (b). Glass 
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Figure 5.2: Measured radial particle flux (a) and radial particle concentration (b). Glass 
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Figure 5.4: Measured radial particle flux (a) and radial particle concentration (b). Glass 
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Figure 5.5: Measured radial particle flux (a) and radial particle concentration (b). Glass 
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Figure 5.6: Measured radial particle flux (a) and radial particle concentration (b). Glass 
beads, dp=200fim, pp=2500 kg/m3, wg= 4.0 m/s, G3= 10.3 kg/m2s 
because the axial pressure profile shows that pressure gradients are roughly same at the 
different heights of testing section. The cross-section particle concentration is proportional 
to the pressure gradient in the riser. It is believed that the difference between the inward 
and outward radial particle fluxes close to the riser wall is caused by the static electricity. 
It was observed that particles stick on the riser wall sometimes when the radial flux probe 
was close to the wall (at r > 6.5 cm). As a result, the pattern of particle flow is affected, 
and more particles enter the probe (Figure 5.7). 
particle flow 
particles sticking 
to the wall due to 
static electricity* 
Figure 5.7: Explanation of the flux difference between inward and outward near the riser 
wall 
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5.3 Effect of Particle Concentration 
To characterize the effect of particle concentration, (1-e), on the radial particle fluxes, mr, 
the data of Figures 5.1 to 5.6 were examined. The data of all 6 figures were compiled in 
the form of particle flux, m r, versus the particle fraction, (1-e). These were are plotted in 
Figure 5.8, and were listed in Tables 1 to 6 in Appendix A. 
It was observed that the shape of the radial profile of the radial particle flux was 
similar to that of the radial particle concentration distribution. Both exhibited high values 
near the wall, and low values in the core of the riser. We can conclude that the radial 
particle flux is a strong function of the particle concentration. The three square points 
of high radial particle flux in Figure 5.8 at particle fraction of around 6% were taken at 
close to the wall r=6.5 cm. As explained above and shown Figure 5.7, the apparently high 
measured mr may be caused by particles sticking to the riser wall. If these three points 
are not taken into account, the trend of radial particle fluxes is to increase with increasing 
particle concentration. 
As shown in Figure (2.9), the radial particle flux, m r , is related to the particle con-
centration, ( 1 - e ) , and the radial particle velocity, uPr, as follows: 
mr = (1 - e)uPrpp (5.1) 
Using the measured m r and (1 — e), it was possible to calculate the uPr. A plot of the radial 
particle velocity, uPr = m r / ( ( l - e)pp), v.s. the radial position is shown in Figure 5.9 and 
listed in Table 2 in Appendix A. The plots corresponds to the data in Figure 5.2. It shows 
that uPr reaches a peak value of about 0.3 m/s at the center line (r=0) and decreases as 
the particle get closer to the wall. 
Martin (1984) developed an equation to calculate the radial particle velocity. His 
equation is (see Section 2.9): 
„ _ I / gdp(e-emf) , . 
U p
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Figure 5.9: Radial particle velocity. Glass beads, dp=200/an, pp=2500 kg/m3 
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Substituting Equation (5.2) into Equation (5.1), the radial particle flux is: 
1 _ jgdp{e - e m / ) ( l - e) 
Using our data of solid fraction, (1 -e ) , and minimum fluidization voidage, em / , in Martin's 
model, the radial particle fluxes were calculated. A comparison of Martin's prediction 
and our measured data is given in Figure 5.10 for the case of u9l=5.3 m/s and Gs=14.4 
kg/m2s. The graph shows that Martin's theory produces the same shape of radial profile 
of m r . Martin's radial fluxes are well below the measured fluxes, especially in the wall 
region. Figure 5.11 shows the radial particle velocity, uPr, from Martin's equation and the 
calculation from the experiment results. Section 5.7 will provide an explanation for the 
underprediction by Martin's equation. 
5.4 Effect of Particle Properties on Radial Particle Flux 
FCC catalyst of 70 fan diameter and of density of 1500 kg/m3 was used to investigate the 
effect of particle properties on the radial particle flux. Radial flux data at different axial 
gas velocity, u9z, and solid fluxes were measured in CFB setup III. The results are shown in 
Figures 5.12 and 5.13 and are listed in Tables 7 and 8 in Appendix A. Figures 5.12 (a) and 
5.13 (a) show the radial distribution of particle flux and Figures 5.12 (b) and 5.13 (b) show 
the corresponding the radial distribution of particle concentration for the FCC catalyst. 
The experimental conditions of the measurements of Figures 5.12 and 5.13 are summarized 
in Table 5.3. 
The properties of FCC and glass beads are given in Table 3.2. Beside a smaller particle 
diameter, the particle density of FCC catalyst is also lower than that of glass beads. Just 
like the case of glass beads, the radial particle flux distribution plotted in Figures 5.12 (a) 
and 5.13 (a) are similar to the radial particle concentration profiles, shown in Figures 5.12 
(b) and 5.13 (b), with a rise in the flux near the CFB wall region. The experimental results 
of the radial particle flux versus particle fraction of FCC catalyst are shown in Figure 5.14, 
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Figure 5.10: Comparison of Martin's model with measured radial particle flux. Glass beads, 
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Figure 5.11: Comparison of Martin's model with calculated radial particle velocity from the 
radial flux and particle concentration. Glass beads, dp=200fim, /jp=2500 kg/m3 
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Table 5.3: Experimental conditions of radial particle flux and radial particle concentration 
using FCC catalyst 
Experimental unit: CFB setup III 
FCC catalyst, 70 fim, />p=1500 kg/m3 
Temperature ss 38°C 
Location = 2.57 m above the distributor plate 
Figure Axial Gas Velocity Solid Flux in Riser 
u3, m/s G3, kg/m2s 
5.12 3.0 2.7 
5.13 1.7 3.9 
particle fraction increases. 
The variation of the radial particle flux with the solid fraction for both glass beads and 
FCC catalysts were combined into one single figure. Figure 5.15 shows the radial particle 
flux versus particle fraction for both glass beads and FCC catalyst. The results show that, 
at low particle fraction (less than 5%), the radial particle flux is greater for bigger and 
denser particles (glass beads) than for smaller and lighter particles (FCC) at the same 
particle fraction, but at high particle fraction, the radial particle flux for two type particles 
are in the same range. This is explained by the presence of clusters. Further details on 
clusters are discussed in Section 5.7. 
5.5 Radial Particle Flux at Various Operating Conditions 
The average axial gas velocities, ug, and the average solid circulation fluxes, G3, in the riser 
for glass beads were in the range of 4 to 6 m/s and 10 to 30 kg/m2s, respectively. The 
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Figure 5.12: Measured radial particle flux (a) and the radial particle concentration (b). 
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Figure 5.13: Measured radial particle flux (a) and the radial particle concentration (b). 
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Figure 5.14: Radial particle flux v.s. particle fraction (1-e). FCC catalyst, dp=70fim, 
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Figure 5.15: Radial particle flux v.s. particle fraction (1-e) for Glass beads and FCC 
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was in the range of 1 to 6%. As shown in Figure 5.15, the radial particle concentration 
(1-e) strongly affects the radial particle flux, mr. 
Figure 5.15 shows that the radial particle fluxes tend to increase with the particle frac-
tions in the radial direction irrespective of the operating conditions. There are no obvious 
evidences of direct relation between the radial particle flux and the operating conditions. 
The CFB operating variables affect the radial particle flux by affecting the particle con-
centration. Therefore, operating conditions at our experimental range indirectly affect the 
radial particle flux. 
5.6 Radial Particle Velocity 
The time-average radial particle velocity can be calculated from the radial particle flux, m r , 
and the radial particle concentration, (1-e). The equation is: 
Based on the data of the six glass bead runs, shown in Figures 5.1 to 5.6, uPr was calculated. 
The results of all 6 cases are plotted as uPr versus (1-e) in Figure 5.16 and listed in Tables 
1 to 6 of Appendix A. The calculated radial particle velocity, uPr, for FCC catalysts of four 
runs (two of the runs are shown in Figures 5.12 and 5.13) are also plotted as uPr versus 
(1-e) in Figure 5.17 and listed in Tables 7 and 8 in Appendix A. The plot for glass beads 
shows that the higher the particle concentration the lower is the average radial particle 
velocity. This tendency is consistent with Martin's theory which is based on the balance 
between the kinetic and the potential energies of the randomly fluctuation particles. But, 
the radial particle velocity for FCC is a weak function of the particle concentration as shown 
in Figure 5.17. 
5.7 Correlation of the Radial Particle Flux 
We have shown in Section 5.3 that Martin's model underpredicts the radial particle flux. 
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Figure 5.16: The radial particle velocity v.s. the radial particle concentration. Glass beads, 
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Figure 5.17: Theradialparticle velocity v.s. the radial particle concentration. FCC catalyst, 
<fp=70/zm, pp=1500 kg/m3 
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clustering. Martin did not take clustering into account when he developed his model. There 
is a strong evidence that clusters of particles are formed in the CFB riser (Glicksman 1988; 
Horio et al., 1988; Ishii et al., 1989). Actually, the effective diameter of a cluster is much 
greater than that of an individual particle, resulting in a higher radial cluster velocity. 
According to Martin's model, the radial particle velocity, uPr, is given by Equa-
tion (5.2). A plot of uPr versus (s^^'sTjLgO0"5 should give a straight line of slope = 
1/6. Our glass beads and FCC catalyst data are plotted in this form in Figure 5.19 (also 
listed in Tables 1 to 8 in Appendix A). According to Martin's theory, the larger is the 
particle the higher are the radial particle velocity and radial flux. At low particle volume 
fraction, the experimentally calculated radial particle velocity is about five times that from 
Martin's theory. Thus the effective diameter from the Martin's equation is about 25 times 
the particle diameter of 200 fim, or 5 mm. Using an optical probe, Horio et al. (1988) 
measured the cluster length at 3 different heights in a CFB unit of diameter 50 mm and 
height 2.79 m. They used FCC catalyst particles of average diameter 60 fim. Their results 
are shown in Figure 5.18, which is a plot of the time averaged cluster length versus the 
radial position. Their data are presented at three different vertical heights "z", of 0.37 m, 
1.06 m, and 1.36 m. At the center line of the riser, the cluster length is around 5 mm. The 
cluster size is approximately constant in the riser core. Near the riser wall, the cluster size 
is 2 to 5 times larger than in the riser core. 
The radial particle velocity is roughly proportional to {Jx_*~ )n_g\)0 '5 from Figure 
5.19. We postulate that the relation between uPr and ( 5 h- e )("i-t))°'5 *s linear, i.e.: 
. . _ „ i „ / 9dp(£ ~ £m]) yfl.5 / r rN 
« » - « ' + * ( 5 ( 1 - B m / ) ( i - e ) > ^ 
Therefore, a least square fit of the uPr data and ( s ^ i ^ O _ e ) ) ° " 5 (Tables 1 to 8 in 
Appendix A) should produce a straight line. MINITAB was used to regress the average 
radial particle velocity, uPp, calculated from Equation (5.4) and (5nlc)Ti-e))°'5 *°r k ° t n 
glass beads and FCC catalyst. The correlated equation is: 
uPr = 0.0368 + 0.755(R/f<fp(e"£." , / ) , ) 0 5 (5.6) 
5 ( l - e m / ) ( l - e ) 
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Figure 5.18: Radial distribution of the cluster length, FCC catalyst, dp= 60 fim (Horio et 
al., 1988) 
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The correlation coefficient is 73.6%. This correlation is based on our data using particles 
of 70 and 200 fim diameters. For other particles out of this range, the correlation should 
be validated. Calculated uPr in Appendix A is obtained from the experimental particle 
concentration and radial particle flux. Calculated uPriCa/ in Appendix A is obtained from 
the Equation 5.6. The fitted model, Equation (5.6) is plotted in Figure 5.19, together with 
the measured data, and Martin's model. Clearly, the data has a lot of scatter. The figure 
also shows that the agreement of the present model with the data is better than Martin's 
Equation. 
The radial particle flux mr is calculated as follows: 
mr = uPr(l - e)pp (5.7) 
Substituting uPr from Equation (5.6) yields: 
mr = 0.0368(1 - e)pp + 0.755pp(gdp(£g" £ m / ) ( 1 " £ ) ) 0 5 (5.8) 
5(1 - e m / ) 
Using the glass beads data of (1-e) v.s. r for ugz = 5.3 m/s, and G3 = 14.4 kg/m2s, the 
radial particle flux was calculated from above equation. The results are shown in Figure 
5.20, in which mr is plotted v.s. the radial position r. The plot includes the measured 
data, and the calculated fluxes from Martin's equation and from the present model. In 
addition a plot of the calculated mr versus the experimental mT is shown in Figure 5.21. 
Despite the scatter in data, Figure 5.20 and 5.21 show that the current correlation is quite 
an improvement over Martin's model. 
5.8 Measurement Errors 
The radial particle fluxes were measured by two specially design probes. The samples were 
taken isokineticlly. The errors of radial particle flux measurements come from the effect 
of probes on the gas-particle flow and static electricity. These errors can not be estimated 
because no more accurate techniques are available. 
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Figure 5.21: Comparison of measured radial flux and calculated fluxes using Martin's equa-
tion and the present correlation 
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5.9 Summary 
The radial profile of the radial particle flux in the CFB is similar to that of particle con-
centration, i.e., both quantities are high in the CFB wall region and low in the CFB center 
region (Figures 5.1 to 5.13). The radial particle velocity depends on the particle size, dp, 
and particle concentration, (1-e). The radial particle flux can be calculated from the radial 
particle velocity and the particle concentration. A correlation for the radial velocity, uPr 
has been proposed. The equation constants were obtained by least square fit of the data. 
The radial particle velocities were used to develop the radial particle flux correlation given 
in Equation (5.8). Comparison of the prediction of the correlation and experimental data 
was presented and showed fair agreement. 
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Chapter 6 




The radial particle concentration distribution in the riser of CFBs is in the form of 
dilute-core and dense-annulus when gas-solid suspension flows upward (Hartge et al., 1986; 
Horio et al, 1988; Weinstein et al., 1986). In this chapter, the nature of the radial particle 
concentration distribution is analyzed for both upflow of gas-solid suspension in the riser 
and downflow of gas-solid suspension in the downcommer. The analysis is based on the 
measurements of the radial particle fluxes (Chapter 5) and the application of the momentum 
balance equation. The details of analysis are given in following sections. The particle density 
is roughly several thousand times that of the gas. Therefore, compared to the particle 
momentum, the gas momentum can be neglected in certain range of particle concentration 
(for example, when the particle fraction is greater than 1%). 
6.1 Gas-Particle Upflow in the Riser 
CFBs are usually operated in the fast, non-bubbling, cocurrent, up-flow fluidization regime. 
A distinctive phenomenon is that, over the bed cross-section, the solid particle concentration 
distribution is dilute at the center and dense near the riser wall. This distribution, termed 
114 
dilute-core and dense-annulus, is attributed to the axial particle momentum exchange due 
to the radial particle motion. At steady flow, the axial (z-direction) particle velocity is 
high at the center and low or negative near the riser wall (Yang et al., 1991; Bader et 
al., 1988). During gas-particle suspension up-flow or down-flow, every particle has a radial 
velocity component. The radial particle motion produces a momentum exchange in the axial 
direction. Particles moving from the region of the low axial velocities (for example, near 
the riser wall) to the region of the high axial velocities (for example, in the core) will gain 
axial momentum. Particles moving from the region of high axial velocities to the region 
of low axial velocities will lose axial momentum. It will be shown that, in order to satisfy 
momentum balance, it is necessary for the particle concentration at the center to be lower 
than that at the annulus, i.e., the particle fraction increases as the distance from the riser 
center, r, increases. 
6.1.1 Model Assumption 
Figure 6.1 shows a section of the riser of the CFB. The section has a radius R and a height 
h. The model will be developed by applying momentum balance to a cylinder of radius r 
and height, h. This cylinder is termed the control volume and is shown as dashed line in 
Figures 6.1 and 6.2. Figure 6.1 also shows the axial velocity, uPzt,n, of the particles entering 
the control volume, and the axial velocity, uPztOUt, of the particles going out of the control 
volume. Similarly, the particle velocities in the radial direction, uPp,,„, and uPr<out are also 
shown. The radial flux, mri,n, of particle entering and the radial flux, mr,ou<, of particle 
leaving are also shown in Figure 6.1. 
In order to develop a model of the radial particle concentration, the following assump-
tions were made: 
1. Gas-solid suspension flows at steady state. 
2. Gas-particle flow is axisymmetric in the circular riser. 


























Figure 6.1: Illustration of the velocities and the radial particle fluxes in the proposed model 
for the axial momentum transfer in the riser 
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4. The profile of the voidage, e, in the axial direction is constant along the riser, i.e., the 
cross-section average particle concentration, (l-eai ; i/j), does not change with the riser 
height. 
5. The radial distributions of the particle concentration, of the axial particle velocity, 
and of the axial gas velocity are the same for various heights. 
6. The radial particle fluxes into the control volume (mri,n) and out of the control volume 
("*r,ou«) are the same, i.e., no accumulation of particles within the control volume. 
7. For fast fluidization, the bulk density of particles, [(1 - eav,r)pp], is much greater than 
the gas density, [ea„,rpg]. For example, when the particle fraction of glass beads, 
(1 - eau,r)> is greater than 1%, the gas density, [ea„,rpg] is less than 4% of the particle 
density, or 4%[(1 - eav<r)pp]. 
8. Each term in the momentum balance should include contributions from both the gas 
and the solid. Compared to the particle gravity force, the gas gravity, the gas mo-
mentum exchange and shear force in the gas are negligible. The momentum equation 
of particle only is considered. The details are discussed in next sections. 
9. The inward radial particle mass flux, or particle flux, entering the control volume, 
m r , ,n , is given by: 
mr<tn = ((1 - e)ppUpr)in = m r (6.1) 
Similarly, the outward particle radial flux, mr<out, leaving the control volume is given 
by: 
mr<out = ((1 - e)ppUpr)out = mr (6.2) 
where m r,,n and mr<out are the radial mass fluxes, and uPr i ,n and uPriOUt are the radial 
particle velocities, and are different from the net fluxes and velocities. The net radial 
fluxes and velocities are zero if m r i i n = mrtOUt and uP r i i n = uPr<out. 
10. The shear stress of the gas in the gas-solid suspension is of the same order of magnitude 
as that for gas only. 
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11. For the purpose of estimating gas shear stress and comparing it to the particle gravity 
force, the superficial gas velocity is assumed to be 4 m/s, the average void fraction, 
e<it>,ft> is taken to be 0.99, and the riser wall is smooth. The diameter of the riser, D, 
is 14.0 cm. 
6.1.2 Model Description 
Consider a vertical section of the riser of radius R and height h, as shown in Figures 6.1 
and 6.2. Take a control volume to be a cylinder inside the CFB riser, with a radius r and 
a height h, shown as dashed line in Figure 6.1. Figure 6.2 shows the forces and momentum 
acting on the control volume. An integral linear momentum balance on the gas-particle 
suspension in the selected control volume indicates that: 
net rate of force acting external force due to momentum 
momentum = on flow due to + + shear stress + exchange 
change pressure gradient force acting on fluid by flow 
The momentum balance gives the following vector equation: 
V = - ipNds + F - <f(f • ds) - I psu8(u8-ds) (6.3) 
Js Js Js 
where V is the vector of the net rate of change of momentum, p3 is the density of gas-solid 
suspension, u8 is the suspension velocity vector, p is the pressure, f is the shear stress 
tensor, F is the vector of the external force and N is the unit normal vector. Top bars on 
the letters denote the vectors. 
Our objective is to apply the momentum balance Equation (6.3), on the gas-particle 



















Figure 6.2: Illustration of the forces and the momentum fluxes in the proposed model for 
the axial momentum transfer in the riser 
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Net Rate of M o m e n t u m Change 
At steady state, the net rate of momentum change is zero, i.e., 
V = 0 (6.4) 
Pressure Gradient Term 
The pressure force in the axial (z) direction is the first term on the right hand side of 
Equation (6.3). It can be written as follows: 
Axial component of <f> pNda = (Ap)(irr2) (6.5) 
where, Ap is the pressure drop of the gas-solid suspension across the riser height of h, as 
shown in Figure 6.2. 
External Force in the Axial Direction 
Each term of Equation (6.3) should include contributions from both the gas and the solid. 
Actually, compared with the particle gravity in CFBs, the contribution from the gas is 
negligible. 
Assuming that the flow is symmetric in the circular riser (Assumption 2), the z-
direction external force in Equation (6.3), is: 
Fz = -[eav<rpggh + (1 - eav,r)ppgh]irr2 (6.6) 
(gravity force due to gas) + (gravity force due to particle) 
The subscripts g and p denote the gas and the particle. eat),r is the average void fraction 
from 0 to r, i.e., for the given control volume. ea„ i r is different from the local void fraction, 
e. The two are related by the equation: 
/0r 27rredr 2 
&av.r — \fredr (6.7) 
T"= Jo 
Based on Assumptions 7 and 8, the gas contribution in the gravity force Equation (6.6) 
can be neglected, resulting in the following equation: 
F, = - ( 1 - £av,r)Pp9h-xr2 (6.8) 
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Shear Stress Contribution 
The shear stress acting on the fluid, the third term on the right hand side of Equation 
(6.3), is due mainly to gas flow. Shear stress comes from fluid deformation. Particles are 
not a continuum, and there are no shear stresses between particles. The following order of 
magnitude analysis will show that the shear force is much smaller than the particle gravity 
force. Thus, the shear stress term in Equation (6.3) may be neglected. 
Based on Assumption 10, only the gas shear stress will be estimated. Based on As-
sumption 11, the Reynolds number for gas flow, Rep, is: 
_ I S f t , _ 0.14 x 4.0 x 1.2
 4 
ReD - — - 1 8 x 1 0_5 - 3-73 x 10 (6.9) 
For a smooth wall riser, the Fanning friction factor, f, is calculated from the following 
equation (Brodkey, 1967): 
-j= = 4.06 \ogw(ReDT7 - 0.40) (6.10) 
Therefore, at ReD = 37,300: 
/ « 0.0058 (6.11) 
The wall shear stress, TW, due to the gas only is: 
TW = f9-^- = 0.0058 X 1 - 2 ^ 4 = 0.056 Pa (6.12) 
We chose TW because the shear stress for the gas at r<R is less than TW. The gas shear 
force, Fr, acting on the walls of the riser is: 
FT = Tw2nRh = 0.024/i N (due to gas only) (6.13) 
The particle gravity force for glass beads, Fz, is: 
Fz = (1 - eav>R)Ppgh*R2 = 3.77/1 N (6.14) 
Therefore: 
?L = ahear forC6 due t0 9aS * 0.7% (6.15) 
Fz gravity force of 1% particle fraction 
This value clearly justifies neglecting the (z-direction) shear force term in the momen-
tum balance equation. 
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Momentum Exchange by Flow 
To evaluate the momentum exchange by flow, only the momentum in the axial (or z-) 
direction is considered for the riser. 
[f p3u„(u3-ds)]z = J p3u3ru3zds (6.16) 
The subscripts r and z denote the radial and axial directions. The integration area on the 
right hand side of Equation (6.16) is the total surface area of the control volume (i.e., 2irr2 
+ 2vrh). Momentum can be exchanged either through the two flat surface (each of area = 
irr2) or through the cylindrical surface (area = 2irrh). The axial momentum in and out of 
the control volume from the two flat ends (i.e., irr2) are the same, based on Assumptions 4 
and 5 in Section 6.1.1. The net contribution from the z-direction gas-particle flow from the 
two ends of the control volume to the momentum flux is zero. 
The radial particle flow in and out the cylindrical surface contributes to the momentum 
transfer in the axial direction. The momentum transfer flux consists of terms due to the 
gas and the solid: 
axial momentum momentum momentum 
exchange = exchange + exchange 
by flow by gas flow by particle flow 
/ p3u3ru3zds = I epgUgzugrds + I (1 - e)ppUPruPzds (6.17) 
where e is the local voidage, uPr and uPz are the average radial and axial particle velocity 
components. Neglecting the gas flow contribution, based on Assumption 7, Equation (6.17) 
simplifies to: 
/ p3u3ru3zds = I (1 - e)ppuPruPzds (6.18) 
The axial momentum flux due to the radially moving particles, Equation (6.18), is attributed 
to particle moving out at a flux mT<out and an axial velocity uPztOUt, and particle moving in 
at flux m r i in, and velocity uPz,tn- Therefore, the right hand side of Equation (6.18) simplifies 
to: 
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axial momentum axial momentum flux of axial momentum flux of 
flux due to radial = outward radial mass flux - inward radial mass flux 
particle flux at an axial velocity uPz oul at an axial velocity uPzin 
J (1 - e)ppuPruPzds = {[(1 - e)ppuPzuPrh • 2irr]out - [(1 - e)ppuPzuPrh • 27rr],„} 
= 2nrh[mriOUtuPz oul - mr,,nuPl in] (6.19) 
where "out" denotes the particles leaving from the given control volume to the annulus 
through the cylindrical surface and "in" is the opposite of "out". uPz out is the average 
z-direction velocity of particles moving out the control volume radially into the annulus. 
uPt in is the average z-direction velocity of particles moving out the annulus radially into 
the control volume. Since uPz is a function of r, uPzout and uPz in are not necessarily equal. 
Since the net radial particle flux at any radial location in the riser is zero, then mri in = 
"V,ou« = mr' Equation (6.19) simplifies to: 
J (1 - e)ppUPruPzds = (2irrh)(mr)(uPzout-Upzin) 
= (2Trrh)(mr)(AuPz) 
= (2irrh)(AMp) (6.20) 
This equation shows that there is a net momentum transfer. AMP is the net z-direction 
particle momentum flux due to the radial particle motion, i.e., the net momentum exchange 
per unit area per unit time at radius r. AMP has the unit N/m2 or Pa and is given by: 
AMP = m rAuPl = (1 - e)ppuPr(uPzout - uPz-n) (6.21) 
and AuPz is the z-direction velocity difference between the radially exchanged particles, i.e., 
(UPz, oul — U P 2 , i n ) • 
Simplified Momentum Equation 
Based on the previous analysis, the z-direction momentum Equation (6.3) simplifies to: 
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force acting on particle axial momentum exchange 
flow due to = gravity + due to radial 
pressure gradient force particle flow 
Apirr2 = (1 - £av,r)pPgh • irr2 + [(1 - e)ppUpzuPrh2nr]out - [(1 - £)ppUpzuPrh2irr},n (6.22) 
Ap = (1 - £av,r)ppgh + AMp2h/r (6.23) 
Estimation of Pressure Drop Ap 
The friction between the suspension and the riser wall consists of gas and particle compo-
nents. Near the wall the gas is moving up. Thus, the gas contribution to the friction from 
the wall on the suspension is downward. But, the solids are moving down. Therefore, the 
particle contribution to the friction from the wall on the suspension is upward. These two 
frictions tend to offset each other. Thus, the friction between the suspension and the wall 
is neglected. An overall force balance on the riser section of Figure 6.1 yields: 
Ap = (1 - £av,R)ppgh (6.24) 
where £av,R equals to the cross-section average void fraction. This equation was also con-
firmed by the experimental work of Dry and White (1992). They showed that the pressure 
drop, Ap, was independent of the radial position and was roughly equal to (1 - £av<R)ppgh. 
Combining Equations (6.23) and (6.24) yields: 
[(1 - £av,r)pP9] = [(1 - eav,R)ppg} - 2AMp/r (6.25) 
Rearranging and substituting AMP from Equation (6.21) result in: 
(1 - eQU,r) = (1 - £„„,*) - 2(1 - e ) " P r ( " P l ° ; ' g p P l " " ) (6-26) 
Equation (6.26) is the momentum equation for gas-solid suspension flow in the riser of 
CFBs. It has three unknown variables: 
• the particle concentration distribution, (1 - e). 
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• the radial particle velocity, uP r . 
• the axial particle velocity distribution in the radial direction, uPz. 
A knowledge of two of the above variables permits calculation of the third variable. 
Based on the Equation (6.25) or (6.26), the effect of different variables, e.g., uPr and 
uPl, on the particle concentration distribution will be discussed in the following section. 
6.1.3 Analysis of Particle Concentration Distribution from the Model 
The distinctive particle concentration distribution in the riser of CFBs, i.e., dilute-core and 
dense-annulus, will be demonstrated. The net z-direction particle momentum flux, AMP, 
may be positive or negative, depending upon the distribution of the axial solid particle 
velocity, uPz, in the cross-section. In the CFB riser, as r increases, uP l decreases (see Figure 
2.3). Therefore, uPziOUt is greater than uPl,,n» and AM P is positive. Equation (6.25) results 
in: 
( l - W ) < ( l - f i a » , « ) (6-27) 
average solid fraction cross-section 
from the center < average 
to a radius r solid fraction 
The same momentum balance procedure used to drive Equation (6.25) can be applied 
to the CFB riser annulus from r to R. The velocities, uPz and uP r , and mass flux, mr, remain 
the same in this new balance. Therefore, AM P is still positive. The following equation can 
be derived: 
AM r 
(1 " £«„,„) = (1 " *av,R) + 2 pg^jp.^) (6-28) 
£av,a is the average void fraction in the annulus from a radius r to the wall, where r=R. 
Therefore, 
(1 - eau,a) > (1 - £av<R) (6.29) 
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average solid fraction cross-section 
from the wall > average 
to a radius r solid fraction 
Combining Equations (6.27) and (6.29): 
(1 - eot,,a) > (1 - eau,r) (6.30) 
average solid fraction average solid fraction 
from the wall > from the center 
to a radius r to a radius r 
Equation (6.30) shows that the particle concentration in the annulus region is always 
greater than that in the center. Since Equation (6.30) is valid for all r, the particle concen-
tration must increase in the radial direction. 
The nonuniformity in the particle concentration distribution is attributed to two pa-
rameters; the radial distribution of the axial particle velocity, uPz, and the radial particle 
motion. If there is no radial particle motion, i.e.,mr=0, then AMP = Tnr(uPzout—uPzin) = 0. 
If the axial particle velocity is the same over the whole cross-section, i.e., uPzout = uPzin, 
then AAfp = mr(uPzout - uPzin) = 0. When AMP = 0, (1 - eau,a) = (1 - eau,r). Therefore, 
the particle concentration does not change over the cross-section area of the riser. A high 
AMp would indicate that the particle concentration at the center is more dilute than that 
of low AMp. In other words, the higher the AMP, the less uniform is the radial particle 
concentration distribution. AMp increases as uPr and (uPz ou( - uPz in) increase. Therefore, 
at the same cross-section average particle concentration, the radial particle concentration 
distribution is less uniform for a high value of both uPr and (uPzout - uPzin) than that of a 
low value of both uPr and (uPzout - uPzin). 
Based on our experimental work, the the radial particle velocity, uPr, was correlated 
to the particle diameter, dp, and the void fraction, e, as follows (see Equation (5.6)): 
„p , = 0.0368 + 0 . 7 5 5 ( 5 ( 1 » y ; ^ » £ ) r (6.31) 
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Substituting Equation (6.31) into Equation (6.26), we get: 
(1 - w ) = (1 - eau<R) - 2(1 - e)(0.0368 + 0 - 7 5 5 ( 5 ( f y ; j ) £ j { ) £ ) ) O 5 ) ( U p - ° " ' r - ) t f p - " ) 
(6.32) 
From the above equation, three parameters affect particle concentration distribution. These 
variables are: the cross-section average particle concentration, (l-eaUiR), the particle diam-
eter, dp, and the radial distribution of the axial particle velocity, uPz. Therefore: 
(1 - e) = / ( ( l - £aViR), dp, up<z) (6.33) 
Based on above analysis and derivation, we can conclude that the simplified integral 
momentum Equation (6.26) can be used for the flow of gas-solid suspension in the CFB 
riser. Equation (6.26) includes variables relative to particles only, i.e., the particle fraction, 
the radial particle velocity, and the axial particle velocities, in addition to the radius, r. The 
radial particle motion and the radial distribution of axial particle velocity determine the 
distinctive radial distribution of particle concentration, i.e., dilute-center and dense-annulus. 
For particles of known dp,emj, and average particle fraction, (1 - eav<R) the distribution of 
the radial particle fraction can be obtained from the Equation (6.32) at a given the radial 
distribution of the axial particle velocity. 
6.2 Gas-solid Downflow in the Downcommer 
A downcommer is a pipe in which both particle and gas flow downward. In the downcommer, 
the gas-particle suspension flows in the direction of gravity. At steady state, fast, cocurrent, 
gas-particle downflow, the suspension will go from lower pressure to higher pressure (Qi et 
al., 1990; Qi, 1987; Kunii and Levenspiel, 1977) in a constant velocity section. Axial particle 
velocity will be greater than the axial gas velocity. While particles are exchanging in the 
radial direction, slow moving particles gain axial momentum and fast moving particles lose 
axial momentum. 
For cocurrent upflow of gas-solid mixture in the riser, gas-particle suspension flows 
from high pressure to low pressure. However in cocurrent downflow, the suspension flows 
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from low pressure to high pressure. This flow against the pressure causes an entirely different 
particle concentration distribution in the downcommer cross-section than in the riser. The 
author will show that particle concentration is higher at the center than that close to the 
wall when gas velocity increases from the wall to the center. This distribution is attributed 
to the momentum balance. The analysis of momentum balance for gas-particle downflow is 
similar to that for gas-particle upflow. 
6.2.1 Model Assumption 
Figure 6.3 shows a section of the downcommer of the CFB. The section has a radius R 
and a height h. The model will be developed by applying momentum balance to a cylinder 
of radius, r, and height, h. This cylinder is termed the control volume and is shown as 
dashed line in Figure 6.4. The figure also shows the axial velocity, uPz,,n> of the particles 
entering the control volume, and axial velocity, uPziOUt, of the particles going out of the 
control volume. Similarly, the particle velocities in the radial direction, uPr,tn, and uPr,OU( 
are shown in the Figure 6.3. The radial flux, m r i in, of particle entering and the radial flux, 
"ir,ou«» of particle leaving are also shown in Figure 6.3. 
In order to develop a model of the radial particle concentration, the following assump-
tions were made: 
1. Gas-solid suspension flows at steady state. 
2. Gas-particle flow is symmetric in the circular downcommer. 
3. The gas density, pg, is much smaller than the particle density, pp. 
4. The profile of the voidage, e, in the axial direction is constant along the downcommer, 
i.e., the cross-section average particle concentration, (l-eau,fl), does not change with 
the downcommer height. 
5. The radial distributions of the particle concentration, of the axial particle velocity, 






















E E o o c 
o Q 
Figure 6.3: Illustration of the velocities and the radial particle fluxes in the proposed model 
for the axial momentum transfer in the downcommer 
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6. The radial particle fluxes into the control volume (m r i,„) and out of the control volume 
(wir.oue) are the same, i.e., no accumulation of particles within the control volume. 
7. For fast fluidization, the bulk density of particles, [(1 - Eav,r)Pp], is much greater than 
the gas density, [ea„,rpg]. For example, when the particle fraction of glass beads, 
(1 - eau,r)» is greater than 1%, the gas density, [Eav,rPg] is less than 4% of the particle 
density, or 4%[(1 - £av,r)pp]-
8. Each term in the momentum balance should include contributions from both the 
gas and the solid. Compared to the particle gravity force, the gas gravity, the gas 
momentum exchange and gas shear force are negligible. The momentum equation of 
particle only is considered. 
9. The inward radial particle mass flux, or particle flux, entering the control volume, 
m r , ,n , is given by: 
mr,,„ = ((1 - £)ppuPr),n = mT (6.34) 
Similarly, the outward particle radial flux, mTfiUt, leaving the control volume is given 
by: 
"V,ouf = ((1 - e)/?puPr)OU( = m r (6.35) 
where mr<in and mr<out are the radial mass fluxes, and uPr,,n and uPriOUt are the radial 
particle velocities, and are different from the net fluxes and velocities. The net radial 
fluxes and velocities are zero if m r i,„ = mr,oui and uP r ,m = uPr,ou<. 
10. The shear stress of the gas in the gas-solid suspension is of the same order of magnitude 
as that for gas only. 
11. For the purpose of estimating gas shear stress and comparing it to the particle gravity 
force, the superficial gas velocity is assumed to be 4 m/s , the average void fraction is 
taken to be 0.99, and the downcommer wall is smooth. The diameter of the down-
commer, D, is 14.0 cm. 
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6.2.2 Model Description 
Consider a vertical section of the downcommer of radius R and height h, as shown in Figures 
6.3 and 6.4. Take a control volume to be a cylinder inside the downcommer, with a radius 
r and a height h, shown as dashed line in Figure 6.3. Figure 6.4 shows the forces and 
momentum acting on the control volume. An integral linear momentum balance on the 
gas-particle suspension in the selected control volume indicates that: 
net rate of force acting external force due to momentum 
momentum = on flow due to + + shear stress + exchange 
change pressure gradient force acting on fluid by flow 
The momentum balance gives the following vector equation: 
V = - IpNds + F - I(f • ds) - //>au8(u8-ds) (6.36) 
where V is the vector of the net rate of change of momentum, p3 is the density of gas-solid 
suspension, u8 is the suspension velocity vector, p is the pressure, f is the shear stress 
tensor, and F is the vector of the external force. Top bars on the letters denote the vectors. 
Our objective is to apply the momentum balance Equation (6.36) in the z direction, 
and evaluate each term in the momentum balance equation. The analysis is similar to that 
of the riser, discussed in Section 6.1.2, except for signs in some of the terms. 
Net Rate of Momentum Change 
At steady state, the net rate of momentum change is zero, i.e., 
V = 0 (6.37) 
Pressure Gradient Term 

























Figure 6.4: Illustration of the forces and the momentum fluxes in the proposed model for 
the axial momentum transfer in the downcommer 
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External Force in the Axial Direction 
Fz = (1 - £av,r)pp9hTrr2 (6.39) 
Shear Stress Contribution 
FT _ shear force due to gas ^ 
Fz gravity force of 1% particle fraction 
This value clearly justifies neglecting the (z-direction) shear force term in the momen-
tum balance equation. 
M o m e n t u m Exchange by Flow 
J (1 - £)ppUpruPzds = {[(1 - £)ppUPzuPrh • 2irr]ou, - [(1 - £)ppuPzuPrh • 27rr]in} 
= 2irrh[mrioutUPz,oul - ™r,inUPziin] (6.41) 
J (1 - e)ppuPruPzds = (2Trh)(mr)(upzoul-uPzin) 
= (2irrh)(mr)(AuPz) 
= (2nrh)(AMp) (6.42) 
AM P = m r Au P 2 = (1 - e)?puPp(uP2|OU, - uPzin) (6.43) 
Simplified M o m e n t u m Equation 
Based on the previous analysis, the z-direction momentum Equation (6.36) simplifies to: 
force acting on particle axial momentum exchange 
flow due to = gravity -f due to radial 
pressure gradient force particle flow 
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-Ajwrr2 = -(l-eau,r)/7pffft.7rr2 + [(l-e)/>puPluPp/i2irr]ouj-[(l-e)/7puPluPp/i2irr]I„ (6.44) 
- Ap = - (1 - £aVir)ppgh + AMp2h/r (6.45) 
Estimation of Pressure Drop Ap 
It has been shown that the friction between the suspension and the riser wall can be ne-
glected. Assuming the order of the magnitude of the friction in the downcommer is the same 
of that in the riser. Thus, the friction between the suspension and the wall is neglected. An 
overall force balance on the downcommer section of Figure 6.4 yields: 
Ap = (1 - eav,R)ppgh (6.46) 
where £av,R equals to the cross-section average void fraction. Combining Equations (6.45) 
and (6.46) yields: 
[(1 - £av,r)pPg] = [(1 - eav,R)ppg] + 2AMp/r (6.47) 
Rearranging and substituting AMP from Equation (6.43) result in: 
(1 - ea„,r) = (1 - £av,R) + 2(1 - e ) " P r ( " P l ° ; ' g p p - " ) (6.48) 
6.2.3 Analysis of Particle Concentration Distribution from the Model 
The distinctive particle concentration distribution in the downcommer, i.e., dilute-annulus 
and dense-core, will be demonstrated. The net z-direction particle momentum flux, AMP, 
may be positive or negative, depending upon the distribution of the axial solid particle veloc-
ity, uPz, in the cross-section. In the downcommer, as r increases, uPz decreases. Therefore, 
v-Pz,out is greater than uPzii„, and AMP is positive. Equation (6.47) results in: 
(1 - eau,r) > (1 - ea„iR) (6.49) 
average solid fraction cross-section 
from the center > average 
to a radius r solid fraction 
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The same momentum balance procedure used to drive Equation (6.47) can be applied 
to the downcommer annulus from r to R. The velocities, uPz and uPr, and mass flux, m r , 
remain the same in this new balance. Therefore, AMP is still positive. The following 
equation can be derived: 
A Ji/f p 




£av,a is the average void fraction from an radius r to the wall, where r=R. Therefore, 
( l - e a u , a ) < ( l - e a „ , R ) (6.51) 
average solid fraction cross-section 
from the wall < average 
to a radius r solid fraction 
Combining Equations (6.49) and (6.51): 
(1 - eau,a) < (1 - eau,r) (6.52) 
average solid fraction average solid fraction 
from the wall < from the center 
to a radius r to a radius r 
Equation (6.52) shows that the particle concentration in the annulus region is always 
greater than that in the center. Since Equation (6.52) is valid for all r, the particle concen-
tration must decrease in the radial direction. 
Based on the above analysis and derivation, we can conclude that the simplified integral 
momentum Equation (6.48) can be used to describe the flow of gas-solid suspension in the 
downcommer. Equation (6.48) includes variables relative to particles only, i.e., the particle 
fraction, the radial particle velocity, and the axial particle velocities, in addition to the 
radius, r. The radial particle motion and the radial distribution of axial particle velocity 
determine the distinctive radial distribution of particle concentration, i.e., dense-center and 
dilute-annulus for a parabolic particle velocity distribution. 
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6.2.4 Comparison with Published Study 
Bai et al. (1991) measured radial particle concentration distribution in fast, cocurrent, 
downward gas-particle flow. They measured the axial velocity using the Laser Doppler 
Velocimeter. Their results are summarized in two figures. Figure 6.5 is a plot of the 
measured solid fraction ( 1 - e ) versus the dimensionless radial distance $ (=r/R) of the 
downcommer. The four graphs are for average void fractions of 0.9791, 0.9854, 0.9859, and 
0.9904. Each graph includes the data of runs at two different gas velocities. Figure 6.6 
shows the axial velocity of the particle, uPz as a function of the radial position $ (=r/R). 
The L in the diagram is the distance from the top of the downcommer. Vp is the axial 
particle velocity. 
The results of Bai et al. showed that particle concentration was not dense-core and 
dilute-annulus. It reached the highest concentration at somewhere near the wall rather than 
at the center. But the results of Bai et al. do not conflict with the above theoretical analysis. 
Particle velocity in the experimental study of Bai et al. was highest at position where the 
particle concentration was the highest, as shown in Figure 6.6. It may be explained as 
follows: our above analysis assumes that the particle velocity is highest at the center, which 
is not the case in Bai's study. In fact, the conclusion from our theoretical analysis can be 
restated as follows. The higher the particle velocity, the higher is the particle concentration 
for gas-particle downflow. 
Based on our model for steady state gas-particle downflow, we predict that conditions 
exist in which particle concentration is highest at the center of the downcommer. 
6.3 Summary 
A model has been developed to show that the distinctive radial particle concentration 
distribution in the CFB riser, dilute-core and dense-annulus is due to the axial particle 
momentum exchange in the radial direction from the radial particle flux and the radial 
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Figure 6.6: The radial particle velocity distribution in downcommer (Bai et al., 1991) 
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distribution become less uniform when the radial momentum exchange is increased. 
By applying momentum balance to the cocurrent downflow of gas-particle, and as-
suming the gas velocity peaks at the center, the existence of dense-core and dilute-annulus 




MECHANISM IN CFB 
The nature of heat transfer by particle convection in circulating fluidized beds (CFBs) 
was revealed from the experimental results of the particle flux in the lateral direction. As 
particles contact and rebound from the heat transfer surface because of their lateral motion, 
they establish a large local temperature gradient. Heat from the particles is then transferred 
primarily through the gas to the heat transfer surface. The data of the lateral particle flux, 
mr, (Chapter 5) and the radial particle velocity, uPr, (Chapter 5) provide a basis to set up 
a model of heat transfer in CFBs. 
7.1 Background 
One of the most important applications of circulating fiuidized beds (CFBs) is combustion. 
There are more than 200 CFBs in operation or under construction worldwide, burning 
different fuels for cogeneration or power generation (Engstrom and Lee, 1991). CFB is a 
promising technology for the combustion of fossil fuels and solid wastes. Most of the existing 
CFB combustors, or the ones being build are in the range of 100-200 MW. 
Heat transfer between the heat transfer surface and the gas-solid suspension bulk is 
critical in the overall equipment design and in ensuring efficient operation and control of 
CFB reactors. In a recent study, Tsai (1991), and Farag and Tsai (1992) experimentally 
measured the heat transfer coefficient between the gas-solid suspension bulk and the heat 
transfer surface in the lean phase of a fluidized bed freeboard. Farag and Tsai (1993) de-
veloped a mechanistic model of the measured heat transfer coefficient. The present work 
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focuses on CFBs. Heat transfer in CFBs has been studied and reviewed by Grace (1986), 
Glicksman (1988), Leckner (1991), Wu et al. (1991), Lints (1992), and Leckner and Ander-
sson (1992). 
7.2 Objective 
The objective of this part of the work is to build upon our hydrodynamic understanding of 
the gas-solid flow in CFBs to setup a model of heat transfer due to particle convection in 
CFBs. 
As discussed in Section 1.7, a good engineering approximation is to assume that the 
overall heat transfer coefficient, h, between the surface and gas-particle suspension in the 
core of the CFB riser is the sum of three terms: 
h = hp + hg + hr (7.1) 
where hp, hg, and hr are the heat transfer coefficients due to particle convection, gas convec-
tion, and radiation, respectively. The present work focused on understanding the mechanism 
of, and developing a model of the particle convective component, hp, which is due to particle 
motion. 
7.3 Radial Particle Flux 
The lateral (radial) particle flux due to particle motion in the lateral direction is a key 
factor in the transfer of heat from the gas-solid suspension to the heat transfer surface. It 
was used in the heat transfer models of Martin (1984) and Wu et al. (1990). However, 
it remained as an unknown or a derived parameter in their models. Martin derived an 
equation to calculate the lateral particle velocity from the balance between the kinetic and 
the potential energies (see Section 2.9). To our knowledge, the present work is the first to 
directly measure and report the actual lateral particle flux, m r , as function of the radial 
position in the riser of a CFB. 
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Based on our experimental work and the correlation developed, the radial particle 
velocity, uPr in m/s, was correlated with the following dimensional equation (Equation 
(5.6) of Section 5.7): 
. » . 0.0368 t« .T55(^^J ' 7 i> < ) r (H) 
The radial particle flux, mr in kg/m2s, is obtained from uPr as follows: 
m r = u P r ( l - e)pp = 0.0368(1 - e)pp + 0.755pp(g d p ( g " £ m / ) ( 1 " £ ) ) 0 5 (7.3) 
o(l — e m / ) 
where dp = particle diameter, m; g = gravitational acceleration constant, 9.81 m/s2; e = 
local voidage; e m / = voidage at the minimum fluidization; and pp = particle density. The 
constant 0.0368 has the unit m/s, while 0.755 is dimensionless. 
Equation (7.2) shows that the radial particle velocity, uP r , is a function of the particle 
size, dp, and particle concentration, (1-e). The variation of uPr with (1 - e) was shown in 
Figure 5.16 for glass beads and Figure 5.17 for FCC catalyst. 
A key step in developing a model to calculate the particle convection heat transfer 
coefficient, hp, is to propose a mechanism of heat transfer. Through the mechanism, it 
should be possible to relate hp to either mr or uPr. Our proposed mechanism is discussed 
in the next section. 
7.4 Model Assumptions 
The model will be developed through a heat balance on a control volume near the heat 
transfer surface or the CFB riser wall. The control volume is selected as shown in Figure 7.1. 
Several assumptions are adopted to make the analysis manageable. These assumptions 
include: 
1. Steady state. 
2. Spherical particles with diameter dp. 





















































Figure 7.1: Illustration of heat transfer by particle convection 
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4. Particle density and heat capacity are pp and Cp. The voidage near the wall is EW. 
5. Continuum heat transfer. 
6. The contact heat transfer between particles and the wall (or the heat transfer surface) 
is negligible. 
7. Particles that enter and leave the control volume in the vertical direction have the 
same velocity, concentration, and temperature distribution. This can be justified by 
measuring the pressure at different heights in the CFB riser. The pressure change, 
A P , is given by: 
A P = pp(l - £av,R)Az (7.4) 
If the pressure profile is linear with the height z then the pressure gradient dP/dz is 
constant and the solid fraction ( 1 - e ) does not vary with height. Several pressure 
profiles were measured and are reported in Chapter 8. Figure 8.8 shows one of the 
measured profile around the complete CFB loop. The linear variation of P with the 
height confirms the assumption of constant solid fration. 
8. Heat is transferred only through the imaginary vertical surface (dashed line shown 
in Figure 7.1) due to the particle motion in the lateral direction (i.e., no net energy 
transfer in the surfaces perpendicular to the imaged vertical surface). 
9. Negligible temperature gradient within the solid particle, i.e., the Biot number is less 
0.1. 
10. The gas temperature, Tg, is assumed to change linearly with the distance normal to 
the wall, x, in the region very close to the wall. 
11. The gas in the region very close to the wall is stagnant. 
12. The particles have zero contact time with the heat transfer surface or wall. 
144 
7.5 Mechanism of Heat Transfer 
Hot particles hit and rebound from the relatively cooler heat transfer surface (or wall) 
because of their lateral motion. This process establishes a large local temperature gradient 
in a narrow region near the heat transfer surface. Heat from the particles is transferred 
primarily through the gas to the heat transfer surface. 
Surface-to-suspension heat transfer coefficients for CFBs are usually of the order of 150-
250 W/m2K (Grace, 1986). The heat transfer coefficient due to gas and particle convection, 
(hp + hg) is below 100 W/m2K for particle concentration < 60 kg/m3, according to the 
experimental results of Wu et al. (1989). 
Because of the temperature difference between the gas-particle suspension and the 
heat transfer surface (or wall), a thermal boundary layer developes, starting from the top 
edge of the heat transfer surface. Its thickness far down the edge of the wall is roughly k/h 
(Martin, 1984). The thermal conductivity of air at the average gas temperature between the 
wall and suspension for the CFB combustors (around 500°C), kg, as 0.0574 W/mK. The 
effective thermal conductivity of gas-particle suspension, k, is greater than that of gas, kg. 
Therefore, the thickness of the thermal boundary layer is greater than that calculated from 
the gas conductivity alone, i.e., greater than kg/(hg + hp)=0.0574/100=574 fim (Martin, 
1984). This implies that the thickness of the thermal boundary is greater than the diameter 
of particles in CFBs (generally <500 fim). 
The radial particle velocity, uPr, calculated from Equation (7.2) is 0.0798 m/s at a 
particle fraction, (1 — e), of 10% for 200 fim glass beads and a minimum fluidization voidage 
em/ of 0.4. The mean free path of gas, Igjree, is about 0.275 fim (Martin, 1984). The 
residence time of the particle as it travels a distance of twice the the gas mean free path, 
or 2lgjree is around 2/g , / r ee/uPr= 2 x 0.275 X 10_6/0.0798=6.89 x 10 -6s. The particle 
residence time for a distance of two particle diameters is 2dp/uPr=2 X 2 x 10~'t/0.0798 = 
5.01 X 10_3s. The difference is about 3 orders of magnitude. Therefore, it is justifiable to 
assume continuum heat transfer (rather than 'molecular'), and neglect the contribution of 
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the direct contact of the particle and the heat transfer surface to particle heat transfer. 
7.6 Control Volume Selection 
Consider a part of the CFB in which the gas-solid suspension flows upward at the center 
and downward near the wall, as shown in Figure 7.1. Particles, which have a radial velocity 
component, move from the bulk to the heat transfer surface, give off heat, then move back 
to the bed core. The control volume of interest in the analysis is a region of thickness 1.5 dp 
from the heat transfer surface, as shown in Figure 7.2. Particles enter this control volume 
at temperature of Tp,i, strike the wall, rebound, and move out of the control volume at 
temperature of TPi0. TP)1 and TP|0 are the particle temperatures when the particle center 
is at the edge of the control volume, or a distance of 1.5dp. Particle enters the control 
volume at TPi,, travels a distance 2dp to leave the control volume at Tp,0. Therefore, the 
particle residence distance in the lateral direction in the control volume is 2dp. Assuming 
zero contact time with the wall, particle residence time is 2dp/uPr. During this residence 
time, heat from particles will be transferred to the gas. Heat loss by particles in this control 
volume equals heat transfer between the heat transfer surface and the suspension by particle 
convection. 
The thickness of the control volume was taken to be 1.5dp. The reason for selecting 
1.5dp is explained by calculating the particle mean free path, lpjrec, based on Martin's 
Equation (1984). Based on Equation (2.9) and (2.10), lpjTee is given by: 
i , d p ( e - e m / ) 
W r e e
 " 6^2(1 - «)(1 - em /) ( 7 ' 5 j 
For 200/mi glass beads with particle mass fraction, (1-e), of 10%, and em/ = 0.4, the mean 
particle free path, /p,/ree» is 196 fim which is about the same as the particle diameter. If the 
boundary of the control volume is taken to be far from the heat transfer surface, particles 
may return to the gas-suspension bulk by collision with other particles before they reach 
the heat transfer surface, and it becomes hard to estimate the residence time of the particle 
within the control volume. 
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heat transfer surface 
X 
gas-solid suspension bulk 
7.7 Heat Transfer Model Development 
In the region well below the top of the vertical heat transfer surface, it is reasonable to 
assume that heat is transferred only in the lateral direction (i.e., no net energy transfer in 
the vertical direction in the thermal boundary layer). Particles flowing vertically in and out 
of the control volume have the same velocity, concentration, and temperature distribution. 
The radial (lateral) component of particle velocity is uPr and the voidage near the wall is 
£w. Let: 
Tp,0= the average particle temperature leaving the control volume 
TPi, = the particle temperature entering the control volume 
Tw = the wall temperature 
Tb = the temperature of the gas-solid suspension bulk. 
At steady state, well developed flow, and far below the top of the long heat transfer 
surface, the rate of the heat transfer from the particles to wall by convection equals the rate 
of heat given off by the radially-moving particles, i.e.: 
qp = hpAw(Tb - Tw) = mrAwCp(Tpj - TPi0) (7.6) 
where hp is the particle convection heat transfer coefficient between the gas-solid suspension 
and the wall, and Aw is area of the heat transfer surface. m r is the radial particle mass flux 
given by the equation: 
m r = uP p( l - £w)pp (7.7) 
Substituting from Equation (7.7) into (7.6) gives, 
qP = hpAw(Tb - Tw) = uPr(l - £w)ppAwCp(Tp<i - Tp,0) (7.8) 
Rearranging yields: 
hp = uPr(l - ^)PpCp{TfiiZTwf <7-9) 
As explained in Section 7.5, a particle of diameter dp has a residence time of 2dp/uPr 
in the control volume. During this time heat is given off from the particle to the gas in 
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the control volume, with a heat transfer coefficient hg<p. The particle temperature changes 
from TPi, to Tp<0. The heat transfer between the heat transfer surface and the gas-particle 
suspension due to particle convection can be calculated from the heat transfer between 
the gas and the particle. Neglecting the temperature gradient within the solid particle 
(Assumption 9), the transient particle temperature response while in the control volume is 
determined by an overall energy balance on the particle. The balance requires that: 
rate of rate of heat loss 
change of = from particle to gas 
internal energy by convection 
dT„ 
PPCPVP~£ = ~KpAP(Tp ~ Tg) (7.10) 
where: 
/is,p= the heat transfer coefficient between the particles and the gas 
Vp = particle volume = \ird3 
Ap = particle surface area = irdj,. Therefore, 
%=-h£r'-v <T-II> 
Assumption 10 deals with the gas temperature, Tg, in the region very close to the 
wall. Therefore, Tg can be estimated from the gas conductivity, kg, and the heat transfer 
coefficient between the gas only and the heat transfer surface, hg. 
It is important to note the difference among the three heat transfer coefficients: hp, 
hg<p, and hg. These are defined as: 
hp = heat transfer coefficient by particle convection between the gas-particle 
suspension and the heat transfer surface. This is what the model attempts 
to predict. 
hgfp— heat transfer coefficient between the particles and the gas. 
hg — heat transfer coefficient between the heat transfer surface and the gas only. 
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Assume that at steady state the heat transfer by gas convection from the suspension 




Tw = ^ -(Tb - Tw) (7.13) _ £^ 
' ' * " - kg 
Substituting Tg from Equation (7.13) into Equation (7.11), Tp can be obtained by integrating 
the differential Equation (7.11). The initial condition is that at t=0 , the particle enters 
the control volume with temperature of TP)I. After a residence time, t, of 2dp/uPr, the 
particle leaves the control volume at a temperature of TPi0. To justify the use of linear 
approximation of the derivative dTg/dx, and confirm the large temperature gradient near 
the wall, the temperature difference Tg — Tw is estimated. If Tg — Tw is much smaller than 
(T(, — Tw), the above approximations are valid. In the case we estimated Tg - Tw to be 
approximate 0.064(Tb - Tw) for dp = 200/xm. Therefore, as a first approximation the gas 
temperature at a distance of dp, i.e. (Tg)jp, will be used in Equation (7.11) insted of Tg. 
Integrating Equation (7.11) yields: 
Tp, - Tp,0 = (Tp,, - (Tg)dp)(l - exp(-^-)) (7.14) 
Consider the argument of the exponential function, and substitute for t as 2dp/uPr: 
MgJ _ 12hg,P / 7 1 5 \ 
PpCpdp PpCpuPr 
An order of magnitude analysis will be used to show that the argument in Equation (7.15) 
is much less that 1. Take: 
pp w 2500 kg/m3 (7.16) 
Cp w 1200 J/kgK (7.17) 
hg<p * 70 W/m2K (7.18) 
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uPr ss 0.1 m/s (7.19) 
12ha 
_9£_
 K 2.8 x 10~3 < 1 (7.20) 
PPCpuPr 
Using the approximation \-e~z ss z for z < 1, Equation (7.14) simplifies to: 
Tp,, - Tp,0 = (Tp„ - (Tg)dp)%%fp 
* 0.0028(TP,, - (Tff)dp) (7.21) 
Equation (7.21) shows that the change in particle temperature in the control volume is very 
small. Substituting Equation (7.21) into Equation (7.9): 
hp = 6uPr(l-£w)^T^-™d> (7.22) 
As indicated earlier, the particle residence time in the control volume, t, is 2dp/uPr. There-
fore, 
hp = 12(1 - £w)hg,pTp"-{T9)d" (7.23) 
-16 - J-w 
Using Equation (7.13), (Tg)dp is calculated as: 
(Tg)dp-Tw = y±(Tb-Tw) (7.24) 
Kg 
Substituting (Tg)dp from Equation (7.24) into Equation (7.23): 
Tp,, - (Tw + ^(Tb - Tw)) hp = 12(1 - £w)hg,p ^ _k£ '1 
= 12(1 - eJh.jfe^S. - 4 & ] (7.25) 
•lb lw ™g 
Equation (7.25) can be used to calculate the heat transfer coefficient between the heat 
transfer surface and the suspension by particle convection. 
7.8 Particle Temperature Approximation 
Before hp can be estimated using Equation (7.25), three variables must be approximated. 
These are the two heat transfer coefficients, hgp and hg, and the temperature of the particle 
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entering the control volume, Tp,,. As a first approximation, TPy, is assumed to be close to 
Tb because of the intensive radial mixing. Therefore: 
Tb - Tw 
Equation (7.25) simplifies to: 
» 1 (7.26) 
hp = 12(l-£w)hgM-^) (7-27) 
kg 
Equation (7.27) shows that the heat transfer coefficient between the heat transfer surface 
and the gas-particle suspension, hp, is proportional to the particle fraction, (1 - EW), and 
the heat transfer coefficient between the gas and the particle, hg<p. The estimation of hg 
and hg<p is discussed in the next two sections. It is interesting that our model predicts that 
the particle convection heat transfer coefficient, hp, is independent of the radial particle 
flux, m r . 
7.9 Calculation of Gas-Wall Heat Transfer Coefficient 
The heat transfer coefficient of gas only, hg, can be estimated from the correlations for gas 
only in an empty column. These correlation express the Nusselt number in terms of the 
Reynolds and Prandtl numbers. A possible equation for turbulent flow in a pipe is the 
Dittus-Boelter equation, Dittus and Boelter (1930): 
NuD = 0.023Re°DaPrm (7.28) 
where: 
NuD = ttflL (7.29) 
K9 
ReD = ^ ^ - (7.30) 
Pr = C-^- (7.31) 
kg 
where D = column (or riser) diameter, m = 0.4 for gas heating (Tw > Tb) and 0.3 for 
gas cooling (Tw < Tb). This equation has been confirmed experimentally for the range of 
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conditions: 
0.7 <Pr< 160 (7.32) 
ReD> 10,000 (7.33) 
L/D > 10 (7.34) 
where L is the length of the riser or column. 
7.10 Calculation of Gas-Particle Heat Transfer Coefficient 
There are many correlations for estimating the gas-particle heat transfer coefficient, hg<p, 
e.g., Watanabe et al. (1991), and Turton et al. (1989). Most of the correlations express the 
relation between the gas-particle Nusselt number, Nug<p, and the particle Reynolds number, 
Rep, as a power law form: 
Nug,p = Ax Rep1 (7.35) 
where: 
Nug,p = % ^ (7.36) 
Kg 
Rep = tU"*-«P.)P. ( 7 . 3 7 ) 
Pg 
The particle Reynolds member is based on the slip velocity between the gas and the particles, 
i.e., (ug<z — uPtZ). The exponent, n, is in the range of 0.5 to 1.3, mostly around 1.3. But 
there are large differences in the preexponential constant, A, among the correlations of 
different researchers, as shown in the diagram of Figure 7.3 taken from Turton et al. (1989). 
The particle thermal properties such as particle density, particle specific heat, and particle 
thermal conductivity do not appear to have any effect on the gas-particle heat transfer 
coefficient, hg>p, as shown in Equation (7.35). Therefore, the particle thermal properties do 
not affect the particle convection heat transfer coefficient, hp. 
For the purpose of computing h9tP, the Equation of Richardson et al. (1959), is chosen: 
NugyP = 0.054iZep28 (7.38) 
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Figure 7.3: Correlation of gas-particle heat transfer coefficient (from Turton et al., 1989). 
The numbers in this figure indicate the correlations of the different researchers 
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or: 
hg<p = 0.054 Relp28 ^ (7.39) 
ap 
Substituting Equation (7.39) into Equation (7.27) yields: 
hp = 12(1 - e„) x 0.054i?ep-28 ^ ( 1 - ^ ) (7.40) 
dP Kg 
This equation can be written in a dimensionless form as: 
Nup = 12(1 - e„,) x 0.054#e_-28 (1 - Nug) (7.41) 
or: 
Nup = 12(1 - £w)Nu9tP (1 - Nug) (7.42) 
where: 
Nup = ^ (7.43) 
Kg 
Nug = ^ (7.44) 
Kg 
Based on Equation (7.40), hp is proportional to the particle mass fraction, (1 - e„,), 
and is a weak function of the particle diameter, dp, because: 
hp « < 28(1 - ^ L _ ) (7.45) 
This result is in agreement with the experimental results of Wu et al. (1989) for the effect 
of particle diameter. 
7.11 Calculation Sequence 
To compute the heat transfer coefficient, hp, between the heat transfer surface and the gas-
particle suspension, it is necessary to identify the known variables, the measured variable, 
and the variables to be computed. The sequence of calculation and the correlations to be 
used have to be clearly outlined. This listing is shown in Table 7.1. The model requires 
three measured variables. 
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Table 7.1: Variable classification for computing the heat transfer coefficient between the 
heat transfer surface and the gas-particle suspension 
Known variable 
dp = particle diameter, pp = particle density, kg = gas thermal conductivity, 
fig = gas viscosity, D = riser diameter, Cp = particle specific heat, 
Pr = gas Prandtl number, pg = gas density, m -= 0.4 or 0.3 
Measured variable 
(1 - £w) = particle fraction near the wall region, 
uPz = axial particle velocity 
Variable to be calculated 
1- gas Reynolds number Reo 
2- gas Nusselt number NUQ 
3- gas heat transfer coefficient hg 
4- gas Nusselt number Nug 
5- particle Reynolds number Rep 
6- assign a value for n 
7- gas-particle Nusselt number Nu9yP 
8- gas-particle heat transfer coefficient h9iP 
9- heat transfer coefficient between the wall 
and suspension by particle convection, hp 
u3z = axial gas velocity, 
How variable is calculated 
hp 
NuD = 0.023Re°DSPrm 
h g = ^ 
"«g = h-t 
J£c _ dp(u f fr-Upz)p9 
P t*g 
n = 1.28 
Nu3yp = 0.054i2e^ 
hg,P = Nug,PkgldP 
= 12(1 - £w)hgip(l - NUg) 
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7.12 Results and Discussion 
The procedure described in Table 7.1 was used to calculate hp at different particle diameters. 
Four different exponents, n, of the particle Reynolds numbers were used to calculate Ag,p. 
These were 0.8, 1.0, 1.1 and 1.28. The results are plotted in Figure 7.4. The calculation 
assumes that the slip velocity between the gas and the particle, (ugz - uPz), near the wall 
is the same for all Reynolds numbers. The hp was chosen to be 44 W/m2K at dp= 200 fim 
for all exponents of the Reynolds numbers. The plot shows that for an exponent n > 1, hp 
peaks at a certain particle diameter. Mathematically, hp peaks because: 
hp is proportional to d^ - 1(l j^-1). 
Physically, the explanation of the peak is as follows: the gas-particle heat transfer 
coefficient increases with increasing the particle diameter. However, the driving force for 
heat transfer between gas and particles, i.e., (Tp — Tg), decreases with increasing the particle 
diameter. The decrease is because the center of a big particle is further from the heat 
transfer surface than that of small particle. Therefore, there is a maximum of particle-wall 
heat transfer coefficient, hp, when the two effects counterbalance each other. 
7.13 Comparison to Published Data 
The following gives a comparison between the present model and the experimental results 
of Wu et al. (1989). This is a rough comparison because several parameters had to be 
estimated. 
The riser of Wu et al. (1989) was 152x152 mm square cross-section. For glass beads, 
the particle diameter, dp was 241/MTI. The particle fraction was estimated from the equation 
of Tung et al. (1988). They correlated the local void fraction, e, and the cross-section 
average void fraction, eau, in a circular riser as follows: 
e =
 e[3;62(r/fi)6"+0.191] ( 7 > 4 6 ) 
Figure 7.5 shows the comparison between our measured data and the above equation. 
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Figure 7.4: Effect of particle diameter on heat transfer coefficient by particle convection 
between the heat transfer surface and gas-particle suspension 
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Taking the average voidage, £av, to be 0.98 (p3Uap * 50 kg/m3 in Figure 7.6), £w can 
be calculated from Equation (7.46) by setting r/R = 1. The results is £w = 0.925 and 
(l-e„,) = 0.075. 
At an average bulk-wall temperature, (Tb + Tw)/2 of 500°C, the gas properties are: 
fig = 3.62 x 10 - 5 kg/ms, kg = 0.0574 W/mK, and pg = 0.456 kg/m3. 
The slip velocity, u9z —uPz is constant, ss 1.26 m/s for wide range operating conditions 
(Wu et al., 1990). Therefore: 
Rep = dpiU9' ~ Up')p9 = 3.82 (7.47) 
Pg 
NugiP = 0.3 (7.48) 
hg<p = 71.5 W/m2K. (7.49) 
Because Wu's riser was square, the diameter, D, used in calculating the Reynolds 
number should be hydraulic diameter, DA, where: 
DA = ^ (7.50) 
where Ac is the flow cross-section area, and P is the wetted perimeter. Therefore, DA = 
152 mm, 
= DAU^ = 0.152X9.0X0456 = ^ 
fig 3.62 x 10~5 K ' 
Pr = 0.689 (7.52) 
NuD = 0.023Re°pSPrOA = 0.023 x 172000'8 X 0.68904 = 48.5 (7.53) 
The gas-wall heat transfer coefficient, hg, and Nusselt number, Nug are: 
*.-"£- = : 
Kg 
0 1 5 2 - I M I T M ' * 




Substituting all these values into Equation (7.40), we get: 
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Figure 7.5: Measured particle fraction and calculated particle fraction from Tung's equation 
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Nup = 0.25 (7.57) 
The calculated hp is close to the results of Wu et al. (1989) which is around 50W/m2K at 
Psuap = 50kg/m3 [(1-e) ss 0.02], as read from their diagram, shown in Figure 7.6. 
The h plotted on the vertical axis in Figure 7.6 is the overall heat transfer coefficient, 
which includes the gas convection, radiation, and particle convection. The overall heat 
transfer coefficient, h, for membrane wall (which consists of half-embedded, vertical tubes 
connected longitudinally by flat fines) at T = 870°C and particle concentration, p3U3p, of 50 
kg/m3 is around 150 W/m2K. At zero particle concentration, the heat transfer coefficient 
is due to radiation and gas convection. The sum of gas convection and radiation is about 
100 W/m2K from the line intersection. Therefore, the particle convection heat transfer 
coefficient, hp is around 50 W/m2K. 
At T=410°C, Wu's data shown in Figure 7.6 indicate that: 
h = 108 W/m2K (7.58) 
At this temperature, the intersection of the y axis is: 
hr + hpx t8W/m2K (7.59) 
Therefore: 
/ip a 60W/m2K (7.60) 
The comparison of model predictions and experimetal results is listed in Table 7.2. 
The present model predictions are in fair agreement with the experimental results. At 
high suspension temperature, the particle convection heat transfer coefficients, hp, from 
the present model and measuremental result are close. At low suspension temperature, the 
predictions from the model are greater than the data of experements. 
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Figure 7.6: Effect of particle concentration on heat transfer coefficient (Wu et al., 1989) 
Table 7.2: Comparison of particle convection heat transfer coefficients by model prediction 
and experiments 
Pausp = 50 kg/m3 
Suspension Temperature, T, °C 
model prediction, hp, W/m2K 











The mechanism of heat transfer between the gas-particle suspension and the heat transfer 
surface by particle convection was proposed based on the radial particle flux. A model of 
heat transfer is developed to predict the heat transfer coefficient. The model shows that the 
heat transfer coefficient, hp, is independent of uPr or mT and thermal properties of particles. 
The comparison between of the model prediction and published data show fair agreement. 
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Chapter 8 
PRESSURE BALANCE IN CFB 
An important characteristic of a circulation system is the pressure balance around the 
entire loop. In a gas-solid two phase CFB, the gas flow is induced by a blower. Particles are 
affected by the drag force of the flow of gas and by gravity. When the upward gas velocity 
in the riser exceeds the particle terminal velocity, the gas will carry the particles and then 
move upward to the top of the riser. Particles are separated from gas by a separator, usually 
a cyclone. Particles fall down in the cyclone leg and then the standpipe. The rate of particle 
circulation is controlled by a device, for example, L-valve, where particles move from the 
high pressure to low pressure. 
The profile of pressure around the loop of the CFB should show regions of pressure 
drop, and regions of pressure increase or recovery, such that pressure balance always exits 
in the CFB. The interaction of pressure among the different sections of the CFB loop is 
analyzed in this chapter. The experimental pressure profiles are presented and a model of 
pressure profile is proposed in this chapter. 
8.1 Pressure Balance Categories 
Pressure balance exists at any condition for any CFB. Pressure change from a point along 
the loop is zero when finally the same point is reached. In other words, the pressure change 
between two points in a CFB is the same for two directions. 
Pressure changes in a CFB can be divided into three categories; conveying, recovery 
and control. The first is conveying pressure drop from the point of particles entering the 
riser of a CFB (shown in Figure 8.1) to the point of gas leaving the riser. This conveying 









Figure 8.1: The loop of circulating fluidized bed 
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is pressure recovery in the standpipe (shown approximately to be the region between points 
16 and 23B in Figure 8.1). The third is the control pressure drop (shown approximately to 
be the region between points 23B and 1 in Figure 8.1). Each of these pressure changes will 
be discussed details in the following sections. 
8.1.1 Conveying Pressure Drop 
Conveying pressure drop is composed of two components. One is due to the flow restrictions 
in the CFB, e.g., elbow, air cushion, cyclone, and so on. The other is due to the presence 
of solid particles in the gas phase in the riser. 
Conveying pressure drop determines the energy requirement of the blower. It is the 
pressure drop of the gas when it passes through the unit. The pressure along the riser 
decreases due to change in elevation and change in direction. When the path of solid flow 
has obstruction restricting particle flow, the concentration profile of solid particle changes 
and the pressure drop increases markedly. Jin et al. (1988) has shown the effect of exit 
construction on particle concentration (Figure 2.8). In general, the maximum conveying 
pressure drop is determined by the blower, the height of the standpipe, and properties of 
particles. 
8.1.2 Pressure Recovery 
Pressure recovery in the standpipe is due to the gas-particle drag force coming from particles 
flowing down through lean-phase and dense-phase regions, as shown in Figure 8.2. Mostly 
the pressure recovery occurs in the dense phase, while the pressure recovery in the lean 
phase can be neglected. 
Pressure recovery is dependent on the dense phase height and the flow state of solid 
particles. The fluidized or non-fluidized state of particle can be decided by checking of the 
particle slip velocity, uai<ap, defined as: 
uai,3p = Ug/£ - Up (8.1) 
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Figure 8.2: Lean-phase and dense-phase in the standpipe in a CFB 
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The effect of the slip velocity on the state of particle in the standpipe is listed in 
Tabel 8.1. If the particles in the standpipe are well fluidized, i.e., u3t,3p > u m / / e m / , the 
Table 8.1: Particle flow state in the standpipe 
Criteria 
u3i,ap > u m / / e m / 




Explanation are comment 
Particle slip velocity is greater than the real 
gas minimum fluidization velocity. 
Pressure recovery is at its Maximum. 
Pressure recovery increases with increasing 
dense phase height, i.e., as the height of LD 
in Figure 8.2 increases. 
The estimate of pressure recovery is relatively 
straight forward because the pressure recov-
ery equals the particle weight per unit cross 
section area. 
Particle slip velocity is lower than the actual 
minimum fluidization velocity. 
Packed bed flow may occur. 
It may be difficult to estimate the pressure 
recovery in the standpipe. 
pressure recovery is at its maximum. This maximum pressure recovery value increases with 
increasing dense phase height. In this case the estimation of pressure recovery is relatively 
straightforward because pressure recovery is equal to particle weight on per unit cross-
section area. On the other hand, if us/,sp < u m / / e m / , particles are not fluidized, packed 
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bed flow may occur. In this case, it becomes difficult to predict the pressure recovery in the 
standpipe exactly because it gets hard to estimate the gas velocity exactly. This velocity 
considerably affects pressure recovery. 
8.1.3 Control Pressure Drop 
The flow rate of solid particles has to be controlled in a CFB. There are several types of 
control device such as slide value, L-valve, and J-valve. Slide valve is used in FCC process 
to control catalyst flow rate by changing opening area like a gate valve. L-valve, which 
have horizontal section, are common in the laboratory CFB units. The horizontal section 
of L- or J-valve controls particle flow rate by changing the aeration gas. When the solid 
particles flow through the control devices such as slide valve, L-valve, and/or J-valve, there 
is a pressure drop. This drop is termed control pressure drop. A certain range of control 
pressure drop is needed to maintain smooth circulation of solid particles and operation 
stability of a CFB. If the control pressure is too low, the pressure will tend to fluctuate in 
the CFB loop, so does the particle flow rate. If the control pressure is too high, the height 
of dense phase in the standpipe has to be increased and the erosion of particle and the 
control device increase. 
8.2 Pressure Balance and Operating Condition 
Figure 8.3 shows pressure change between some key points of the CFB. A straight line was 
drawn between each pair of successive key points. Usually, the pressures at only the key 
points are measured in industrial processes, such as FCC. Actually, the pressure variation 
may not be linear between key points. Here, straight lines are used in order to present the 
pressure balance in a clear manner. 
To analyze the pressure balance in a CFB, it is not necessary to know the operat-
ing conditions and the particle properties. The relation between pressure balance and the 
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Figure 8.3: Illustration of pressure changes categories and pressure balance in a CFB 
function of pressure balance in a CFB is an equilibrium condition, just like that of thermo-
dynamics. The function of operating conditions in a CFB is like that of kinetics. Kinetics 
studies the effect of operating condition on the approach of the reaction to equibibrium. 
The effect of several variables on the pressure balance will be discussed later. 
The volume average particle concentration (or particle fraction) in the riser is propor-
tional to the conveying pressure drop. Increasing the conveying pressure drop by changing 
the operating conditions will increase the average particle concentration in the riser. But, 
the local particle concentration will be determined by the gas velocity, particle properties, 
and unit geometry. Minimizing the conveying pressure drop and maintaining certain par-
ticle concentration in the riser are important in the CFB combustor design and operation, 
because these variables affect the energy consumption and heat transfer rate. For FCC 
process, understanding pressure balance is important to design the standpipe. 
8.2.1 Control Device Effect 
To explain the effect of the control pressure drop on the pressure balance, it is assumed that 
the pressure recovery in the standpipe remains constant. This means that the line joining 
points 18 and 23B in Figure 8.4 remains unchanged. When the resistance of the control 
device is reduced, for example, increasing slide valve opening area, the conveying pressure 
drop increases with the same absolute value of the change of control pressure, as shown in 
Figure 8.4. This has been observed in the operation of FCC process, when the open area of 
the slide valve or plug valve is changed to control the catalyst circulating rate at the same 
pressure recovery. 
8.2.2 Particle Inventory Effect 
The particle inventary is measured by the height of the dense phase in the standpipe. An 
increase in particle inventry causes a corresponding increase in dense phase height. To 
study the effect of solid inventory on the pressure balance around the CFB, two parameters 
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Figure 8.4: Effect of control device resistance on pressure balance in a CFB 
in the standpipe, and the control pressure drop. Figure 8.5 shows that pressure balance 
changes with increasing particle inventory in the unit. The more particle inventory is, the 
higher is the solid height in the standpipe, the larger is the pressure recovery, and the 
higher is the conveying pressure drop. While the pressure at point 16 remains unchanged, 
the pressure at point 23B increases as the solid inventory increases, as shown in Figure 8.5. 
The maximum particle inventory will be reached when the height of the dense solid particle 
in the standpipe is up to the cyclone. 
8.2.3 Particle Flow State Effect 
Particle flow state is determined by comparing the slip velocity with the real minimum 
fluidization velocity, as discussed in Section 8.1.2 and Table 8.1. To discuss its effect, 
the particle inventory in the CFB loop is assumed constant. The particle flow state can 
be varied by adjusting by fluidization air and motive air. Figure 8.6 shows the effect of 
particle flow state in the standpipe on pressure balance at the same particle inventory in 
the unit. The particle flow state in the standpipe will influence pressure recovery and the 
height of particles in the standpipe. The more the pressure recovery is, the more is the 
conveying pressure drop. Then, the more particles in the riser, the less are the particles in 
the standpipe. Therefore, the height of particle in the standpipe decreases. We observed it 
in CFB units. 
8.3 Experiments on Pressure Balance 
The pressure profiles were measured in the latest CFB setup III and earlier CFB setup II 
as shown in Figures 8.1 and 8.9. Pressure measurements in the latest CFB setup III were 
obtained using the computerized switch wafer system described in Section 4.5 of Chapter 4. 
Pressure measurements in the CFB setup II were performed using water manometer. The 
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Figure 8.6: Effect of particle flow state in standpipe on the pressure balance in a CFB 
8.3.1 Pressure Profiles in the Latest CFB Setup III 
The latest CFB loop setup is shown in Figure 8.1. 24 pressure taps were sampled by the 
switch wafer to obtain the pressure profile data. Each pressure tap was numbered as shown 
in Figure 3.1. Table 8.2 lists the pressure tap number (as shown in Figure 3.1) and the 
height of the tap above the distributor plate. Two sets of pressure data were obtained, 
Table 8.2: Pressure tap location in the CFB loop setup III 




















































one with the circulating particles being glass beads and the other with FCC catalyst. The 
pressures of all points in the CFB unit were relative to the pressure at point 17 of Figure 8.1. 
Therefore, the pressure at point 17 is chosen to be zero. 
Figure 8.7 shows the effect of the particle flow state in the standpipe on the pressure 
176 
balance. The particle flow state is changed by fluidization air and motive air. The more 
the pressure recovery, the more is the conveying pressure drop. In this case, the increase of 
conveying pressure drop is at the bottom of the riser between 0 to 2.5 meters. 
Figure 8.8 shows the effect of the particle inventory on the pressure balance. The 
particle inventory is the total amount of particle solid in the CFB unit. An increase of 
particle inventory, by adding more solid particles into the CFB unit leads to increase of 
both pressure recovery and conveying pressure drop. But, the pressure change in the riser 
is not uniform. The increase in the conveying pressure drop at the bottom of a CFB is 
much greater than that at the top of a CFB. 
8.3.2 Pressure Profiles in the CFB Setup II 
The motive air (MA) and the fluidization air (FA) are two of the most important parameters 
affecting the pressure profile in the CFB loop equipped with an L-valve. If the flow rates 
of the motive air and the fluidization air are set to be zero there is no circulation of solid 
particles. Therefore, the pressure profile is controlled by the motive air and the fluidization 
air. It is extremely important to select the locations at which both MA and FA enter the 
L-valve and to adjust gas flow rate of both MA and FA. Because different kinds of particles 
have different properties, the positions and flow rate of MA and FA for different particles 
such as glass beads and FCC catalyst should be different. 
The rate of gas flow entering the CFB unit is also affected by FA and MA. For example, 
by adjusting the flow rates of MA and FA to increase pressure recovery, the rate of gas flow 
entering the unit decreases due to an increase in the conveying pressure drop. Furthermore, 
the particle circulation rate will change causing a change in the height of the dense bed of 
particle in the standpipe. et al. (1989) was observed the fluctuation of the height of dense 
bed of particles in the standpipe. 
The following pressure profiles were measured in an N-CFBC cold flow setup II shown 
in Figure 8.9. The CFB was supplied with the primary air and secondary air and included 
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Figure 8.8: Effect of particle inventory on the pressure balance in the CFB loop 
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Figure 8.9: The CFB setup H 
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of Chapter 3. Pressures were measured by water manometers. The reference point is the 
pressure tap No. 25 shown in Figure 8.9. The location of the pressure taps on the CFB 
setup II of Figure 8.9 is listed in Table 8.3. 
Table 8.3: Pressure tap location in the CFB loop setup II 






























































Figure 8.10 displays one of the measured pressure profiles in the combustion loop. Two 
dimensionless ratios were defined. There are: 
loading Tatio=3olidPart;fe !,u*Jn the "3eT 
gas Reynolds number, Re = u^p« 
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Figure 8.10: The pressure profile in the CFB setup H 
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where D = riser bed diameter, and u9z is the superficial gas velocity. 
For the conditions of Figure 8.10 (Table 10 of Appendix A), the loading ratio and 
Reynold's number were 8.66 and 2.76xlO4, respectively. Pressure drop in the primary 
combustion zone is from points 1 to 7. The secondary combustion air is introduced into the 
unit between points 7 and 8. The gas particle mixture travels up from point 8 to point 15. 
The UNH N-CFBC cold flow setup is equipped with an air cushion at the top to reduce the 
erosion of a bend. However, the air-cushion hinders particle flow resulting in a considerable 
increase in particle concentration at the top of the riser (Jin et al., 1988). The pressure 
drop between points 8 to 15 is different from that of a riser with a normal bend without 
the air-cushion in the top or no bend at all (Jin et al., 1988). The top bend forces the gas 
and particles to change direction by an angle of 180 degrees. Particles collide with the bend 
surface. Therefore, the pressure drop increases (points 15 to 16) because the air cushion 
forces more particle to move downward flow along the riser wall (Qi, 1987). 
When the gas and particles enter the downcomer, the pressure remains almost constant 
(points 16 to 25). The lean phase in the standpipe starts at point 25. Pressure recovery 
begins in the lean phase (points 25 to LD, where LD is the interface between the lean and 
dense phases in the standpipe), but it is much less than that in the dense phase (points LD 
to 28). The location of LD changed with the particle inventory and operating conditions. 
Pressure drop from points 28 to 1 occurs in the L-valve, and is the sum of pressure drop in 
the L-valve bend (points 28 to 29) and the horizontal pipe (points 29 to 1). 
8.3.3 Effect of Motive Air 
Figure 8.11 shows the effects of the motive air on the measured pressure profiles at the same 
gas velocity (4.6 m/s in the primary zone, and 4.4 m/s in the secondary zone) and particles 
inventory. The solid circulation rate was adjusted by changing the flow rate of the motive 
air, while the fluidization air flow rate was kept the same. From our experimental results 
at solid fluxes of 39.0, 41.3, and 48.3 kg/m2s in the primary zone, the pressure drops at 
the top bend, downcommer, standpipe lean phase, and L-valve showed little change. As 
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Figure 8.11: Effect of the motive air on the pressure balance in the CFB loop 
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the solid circulation rate increases, the conveying pressure drop in the primary and the 
secondary combustion zones increases markedly, and the change is approximately equal to 
the increase of pressure recovery in the dense phase of the standpipe, despite the drop in 
the height of the dense phase in the standpipe. 
The pressure balance in a CFB determines the solid particle concentration. The con-
veying pressure drop in the riser is mainly dependent on the difference between pressure 
recovery and control pressure drop. The maximum solid concentration in the riser exists 
under maximum pressure recovery and the minimum control pressure drop. 
Pressure drops in the primary and the secondary combustion zones are approximately 
equal to the difference between pressure recovery in the standpipe dense phase and the 
pressure drop in the L-valve in the UNH N-CFBC cold flow setup (Figure 8.11). The flow 
state of particles in the standpipe, which is determined by the motive air, influences the 
pressure profile considerably. When solid particles in the standpipe are not fluidized, a 
small change in the motive air will result in a considerable change of the pressure profile. 
8.3.4 Effect of Fluidization Air 
Figure 8.12 (and Table 10 in Appendix A) shows the effect of the fluidization air flow rate 
(FA). The effect of the fluidization air flow rate as shown in Figure 8.12 is summarized in 
the following table. 
When the flow rate (FA) of the fluidization air in the horizontal pipe is reduced, it 
was observed that more particles became stationary in the horizontal pipe of L-valve, and 
the pressure drop of the L-valve increases. The L-valve pressure increase is roughly equal 
to the conveying pressure decrease. 
8.3.5 Summary 
Pressure changes in a CFB can be divided into three categories; conveying, recovery, and 
control. These three affect each other. The conveying pressure drop is equal to the pressure 
recovery minus the control pressure drop. According to the above analysis, the pressure 
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Figure 8.12: Effect of fluidization air on the pressure balance in the CFB loop 
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Table 8.4: Effect of fluidization air rate on pressure change 
solid flux in 
the primary zone, kg/m2s 
Pressure drop 
in L-valve, kPa 
pressure recovery 
in the standpipe, kPa 
conveying pressure 

















decrease in AP 
decrease in 
pressure recovery 
increase the conveying 
AP 
balance is affected by particle inventory, fluidization air, and motive air. Although the real 
coal circulating system is more complicated than the cold unit, the pressure balance, like 
mass and heat balance, can be applied to any circulating system. The results are valid at 
the high temperature at which CFB combustors operate. 
8.4 Computer Model of Pressure Profile 
The early design of the UNH N-CFBC cold flow setup is shown in Figure 8.9 and is termed 
CFB setup n. The pressure profile data measured in CFB setup II were used to develop and 
test a computer model to predict the pressure profile in the entire CFB combustion loop. 
The model takes into account the flow regimes in the various sections of the combustion 
loop, i.e., dilute gas-solid upward flow in the riser, air cushion, top tend, downcommer, 
standpipe lean phase region, and dense phase flow in the standpipe, and the L-valve. The 
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model assumption, and pressure changes for each section of the CFB loop are presented 
next. 
8.4.1 Model Assumption 
1. Steady state. 
2. Low particle concentration in the riser. 
3. No particle losses through cyclone. 
8.4.2 The Primary Combustion Zone 
The diameter and height of the primary zone are denoted D\ and Li, respectively. When 
the flow of gas-particle suspensions in the primary combustion zone display lean phase 
conveying, according to Klinzing (1981), the pressure drop APP|C is due to acceleration, AP„, 
static, AP,, and friction, AP/. It is calculated using the pneumatic conveying equations, 
as follows: 
APPiC = APa + AP, + AP/ (8.2) 
Each pressure drop term is due to both gas and particle pressure drops. The static 
pressure drop consists of two terms, one due to particles, APSiP, and the other due to gas, 
AP,,g: 
AP3 = APS,P + APs,g (8.3) 
AP,,P = pp (1 - £av,R) 9 AL (8.4) 
APs,g = pg £av>R g AL (8.5) 
Similarly the friction pressure drop in the primary zone is the sum of the gas contribution, 
AP/,g, and solids contribution, AP/ iP: 
AP/ = AP/,g + AP/,P (8.6) 
&Pf,g = 2fgPgu2gz ^ (8.7) 
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AP/,P = 2f3 pp (1 - £aVtR) u2pz ^  (8.8) 
Particles in the primary combustion zone are accelerated from zero velocity at the 
inlet to a certain value. The acceleration pressure drop, APQ, consists of four terms, which 
account for solid particle gravity, gas friction, solid friction, and kinetic energy of solid 
particles at the acceleration length, i.e.: 
APa = /0L>P(1 - £av,R)gdL +S0L° 2f°p°<dL 
+JU 2/.(l-^)PpU^L + [pp{1 _ £ a v R ) < ] ^ ^ ( g g ) 
where La is the acceleration length given by Yang (1988): 
r _ ["» uP*duP*
 r 8 i n x La
 ~ Jo 37CDPg{»g,-»P,F _ n _ U^ ^ ^ 
<iR(pp-P<,)dP 9 Ox 
In the above equations, fg is the gas Fanning friction factor. It is calculated by Koo's 
equation (Klinzing, 1981) 
fg = 0.0014 + 0.125.ReJ0-32 (8.11) 
where Reg = Diyp«. 
* Hg 
CQ is individual particle drag coefficient calculated as follows: 






2<Rep< 500 (8.13) 
where Rep = particle Reynolds number defined as: 
Rep = dpiU9> ~ Up*)P9 (8.14) 
Pg 
Yang's (1978) steady state equations are used to calculate the solid particle Fanning 
friction factor, f3, 
f' 7 T % S = °-00315 K1 " ^R)%r)-0-979 (8-15) 
(1 - £av,R) Rep 
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for ugz/ut > 1.5, 
and 
for ugz/ut < 1.5. 
The terminal velocity Reynolds number Ret is calculated as: 
Ret = d - ^ (8.17) 
Pg 
For lean gas-solid phase flow the average void fraction is expressed as 
eav,R = 1 - - ^ - (8.18) 
PpUPz 
where G3 = particle flux in the primary zone = W„/(^ji-), W„ is the mass flow rate of the 
particle circulation. Particle circulation rates at different section of the CFB loop are the 
same. For constant particle velocity region the axial particle velocity is calculated using 




' [ ( 1 + Z ^ r 1 ) ^ « ] a 5 (8.19) 
To solve the pressure distribution equations in the primary combustion zone it is 
necessary to identify which variables are known, which are measured, and which are to be 
computed. This is shown is Table 8.5 
The void fraction, sav<R, and the particle velocity, uPz, should be known to calculate 
f3. This means that equations (8.15) or (8.16), (8.18), and (8.19) are three simultaneous 
nonlinear equations in the 3 unknowns / „ £av,R> and uPz. There were solved using subroutine 
NEQNF of the IMSL math library. NEQNF uses a modification of M.J.D. Powell's hybrid 
algorithm (More et al., 1980). 
As explained in Table 8.5 once, eau,fl, uPz, and f3 are solved. The remaining variables 
can be calculated to obtain APa, APS, AP/, and finally APPiC 
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£>i = 0.0889m 
Li = 2.83m 
dp = 0.0002m 
pp = 2500kg/m3 
ut = 1.6m/s 
Pg = LO 















A P , 
*Pf,9 
AP/,P 









simultaneous solution of Eqs. 
(8.15) or (8.16), (8.18), and (8.19) 
dpUflzPa 
fg 
Equation (8.12) or (8.13) 
PP (1 - £av,R) 9 AL 
Pg £av,R 9 A l 
APS,P + AP s ,g 
2 / 3 Pg < # 
2 / s pP (1 - «„„,*) < ^ 
AP/,g + AP/,P 
Equation (8.9) 
AP a + APS + A P / 
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8.4.3 The Secondary Combustion Zone 
The equations of pressure drop in the lean-phase secondary combustion zone, AP„iC are 
the same as those of the primary combustion zone. Instead of D\ and L\ use D2 and L2 
of the secondary combustion zone. Ret and W3 are the same as in Section (8.4.2). u9z is 
calculated from the sum of the gas flow rates into the primary zone and secondary zone. 
The remaining variables are calculated using the same sequence explained in Table 8.5. The 
final outcome is AP,,C. 
8.4.4 The A i r -Cush ion 
There is an air-cushion at the top of the riser to attenuate particle erosion to the surface 
of the bend. When the gas-solid suspensions flow up at high velocity in the riser the 
gas suddenly changes its direction at the bend. On the other hand, the solids, under the 
influence of inertia, rush to the air cushion, and then turn downward after their motion is 
hindered. Some of the particles are carried by the gas to the U bend and downcommer. 
The remaining particles flow down along the wall of the riser, exchange momentum rather 
violently with those particles flowing up, and gradually merge into the bulk motion of 
gas-solid suspensions. Therefore, the solid particle inner circulation rate increases, so do 
the particle concentration and pressure drop. The air cushion pressure drop, APac was 
calculated using the empirical equation of Jin et al. (1988): 
APac = 13.27 (1 + - £ » _ ) ° . M « x Re70A53 Ar0AB ( ^ i ) (8.20) 
PgUgz 29 
where AT is Archimedes number given by: 
Ar = dl^-2Pg)Pg9 ( g 2 1 ) 
P\ g
G3 is the solid flux given by: 
(*D2/4) 
u9z is the axial gas velocity, taken to be the same as the gas velocity in the secondary 
combustion chamber. 
Gs = j-nWTT, (8-22) 
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8.4.5 The Top Bend 
When passing through the top bend, the gas velocity remains unchanged. As particles 
collide with the bend surface, friction increases, solid particle velocity decreases and solid 
volumetric fraction (1 - £<,u,ft) increases. The pressure drop is calculated using Kunii and 
Levenspiel (1977) equation: 
A P 6 = fbulk pbuik u2g (8.23) 
The bulk friction factor, fbuik is assumed 0.125. pbuik is estimated from the particle fraction 
in the secondary combustion zone. 
8.4.6 The D o w n c o m m e r 
There are two opposing effects in the downcommer: 
1. Particles from the bend will be accelerated by gas and gravity upon entering the 
downcommer. This will cause a very small decrease in the pressure in the downward 
direction of gas and solid particle flow. 
2. Particle velocity, uPz, will increase and reach the gas velocity, u9z, at some point in the 
downcommer. After that point, the particle velocity is greater than the gas velocity. 
The potential energy of the particle is transformed into pressure energy, causing the 
pressure to increase in the direction of gas and solid particle flow. Actually, the particle 
concentration (1 - £av,R.) is v e ry l°w> resulting in a very small pressure recovery. 
Because of these two opposing effects, the net result is that the pressure change is very 
small and is approximately equal to zero for the whole downcommer (Qi et al., 1990). 
8.4.7 The Standpipe 
Pressure recovery in the standpipe, AP3p, arises in two regions: the lean and dense phases. 
The vertical length of the lean phase is Lit3p. The pressure recovery in the gas-solid lean 
phase, APj,,p, is calculated from the following equation, assuming that the particles are free 
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falling at the terminal velocity ut: 
AP(ap = G3<3p9Ll<3p ( g > 2 4 ) 
Ut 
where G3<ap= particle flux in the standpipe and is obtained from: 
Wa G>,sP = - ^ r (8.25) 
4 
Then all data is available to calculate AP/)Sp. 
Dense phase pressure recovery, APdt3p, can be calculated by pressure balance, or by 
using the equation of Yoon and Kunii (1970) for packed bed flow. If the particles are 
fluidized in the standpipe the calculation of pressure recovery simplifies to: 
APd,ap = pP(l- s3p) g L d i 3 p (8.26) 
where e,p is average void fraction in the dense phase of the standpipe, and Ld<3p is the length 
of the vertical section of the dense phase in the standpipe. Ldt3p was measured during the 
experiments. e,p was assumed to be 0.5 to get the circulation rate. 
The pressure recovery then calculated as: 
APsp = AP,,sp + APd,sp (8.27) 
8.4.8 The L-valve 
Pressure drop in the L-valve can be divided into two parts. The first is the pressure drop 
in the horizontal pipe, AP//,, the second is the pressure drop in the bend, AP//,. D5 is the 
diameter of the horizontal pipe of L-valve. For the dense phase horizontal flow section the 
empirical equation of Wen and Simons (1959) is used to estimate AP//,: 
AP,/, = 4.266 (^ ) 0 - 4 5 ( ^ ) 0 2 5 pb g Llh (8.28) 
Pp D5 
Where i//, is length of the horizontal section of L-valve. pb should be given and is equal to 
(1 - £ih)pP + £ihPg- £lh also is assumed to be 0.5. 
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The pressure drop in the bend section is calculated using the dimensional equation of 
Luo et al. (1989): 
AP/6 = 13.8 pb (%-)025 (—) 0 4 5 (8.29) 
D5 Pp 
where G3 = W3/(—^L),kg/m2s, Ds is diameter of L-valve horizontal section, m. Equations 
(8.28) and (8.29) are dimensional. The units of each variable should correspond to those in 
the nomenclature. 
8.4.0 Computation Data and Sequence 
The sequence computation in the computer model was: 
• Input of data 
• Calculation of parameters (such as velocity, solid flux, Re, terminal velocity and so 
on of each part) 
• Pressure drop of L-valve, top bend, primary combustion zone, secondary combustion 
zone, standpipe 
• Print output and prepare plot file. 
The data of different sections are listed in Table 8.6. 
8.4.10 Computer Model 
A comparison of the computed and experimental pressure profiles is shown in Figure 8.13. 
Because the equations used to calculate the pressure drops at the primary and secondary 
zones are for pneumatic conveying, the computer model is valid for low particle concentra-
tion (about less than 1%). 
8.5 Summary 
The pressure profile is mainly dependent on the pressure recovery in the standpipe and 






2 5 ^ Ii 
4 
A 
Glass bead, dp = 0.2 mm 
A experimatai 
Ugzl = 4.8 m/s 
Ugz2 = 4.5 m/s 
Gs1 = 21.5 kg/nfs 
Gs2 = 8.7 kg/nfs 
FA = 70 cm3/s 
MA = 175cm3/s 
o model prediction 
LD: lean-dense phase 
interface in standpipe 
pressure, kPa 
Figure 8.13: Comparison between the experimental pressure measurement in the UNH 
N-CFBC cold flow setup II and the model calculation 
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Table 8.6: Diameter and height of sections in the UNH N-CFBC cold flow setup II 
CFB loop section 
Primary Combustion Zone 







£>i = 0.0889 
D2 = 0.14 
£»3 = 0.14 
DA = 0.076 
D5 = 0.076 
Height or Length 
m 
Li = 2.83 
L2 = 3.28 
L3 = 3.77 
L3p= 2.34 
Lih = 0.47 
particle flow state in the standpipe must be considered carefully to insure stable operation 
of any CFB when designing and operating such a system. 
The motive and the fluidization air flow rates play important roles in the pressure 
balance. Small change in these flow rates will lead to significant change in the pressure 
profile. The entrance and exit constructions of the riser influence the flow of the gas and 
particle in the riser, and further affect the pressure profile and particle concentration. 
A computer model was developed to predict the pressure profile of the combustion 
loop of the UNH N-CFBC cold flow setup. The model agreement with data is good at low 




Newly designed probes have been developed to measure the radial particle flux at a 
specific location in the riser of a CFB, with a riser diameter of 14.0 cm, and a height of 6.4 m. 
The CFB riser was run with two different types of particles; glass beads (dp=200 fim) and 
FCC catalyst (dp=70 fan). Two independent radial flux probes were mounted on opposite 
sides to measure the inward and outward radial particle flux and to verify symmetry. The 
radial particle flux measurements were augmented by particle concentration measurements 
using a capacitance probe. 
Two dozen pressure taps were installed in the CFB unit and connected to a switch 
wafer setup interfaced with a PC computer system to perform real-time pressure data 
acquisition. The computerized data acquisition system was also used to monitor the particle 
concentration (or solid fraction) data measured by a capacitance probe. 
From the theoretical analyses and the extensive experimental data of radial fluxes, par-
ticle concentrations, and pressures performed in the present study, the following conclusions 
can be drawn: 
1- It was found that the radial particle flux is lower and more uniform at the center 
region (or core) than that at the wall region (or annulus). The region of uniform particle 
flux is decreased as the average particle concentration increases. The local radial particle 
flux is dependent on the local particle concentration and is not directly affected by the gas 
velocity or solid circulation rate. The larger the particle, the greater is the radial particle 
flux at low particle concentration. The radial particle fluxes are in the same range for the 
two kinds of particle at high particle fraction. 
2- The average radial particle speed, calculated from the radial particle flux and the 
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particle concentration, depends on the particle concentration. It is much greater than the 
velocity predicted from Martin's equation. Based on our data, a new correlation for the 
radial particle velocity was developed. 
3- The mechanism of the radial particle concentration distribution was explained. Axial 
particle momentum exchange, due to the radial particle motion, causes a characteristic 
radial particle concentration distribution in the riser. This distribution is termed dilute-
core and dense-annulus for the gas-particle suspension upflow. It was also predicted that 
the radial particle concentration distribution in gas-particle suspension cocurrent downflow 
is dense-core and dilute-annulus. 
4- The mechanism of heat transfer due to particle convection in the riser of a CFB 
was proposed based on the radial particle flux. The model was developed to estimate the 
heat transfer coefficient from the gas-particle suspension in the bulk to the CFB wall due to 
particle convection. The model shows that the radial particle flux and the thermal properties 
of particles such as particle density, particle specific heat, and particle conductivity do not 
appear to have any affect on the particle convection heat transfer coefficient. Comparison 
of the calculated heat transfer coefficient with published data showed fair agreement. 
5- The pressure profiles of the entire combustion loop of the CFB were measured 
for the two kinds of particles at various operating conditions. The pressure balance in 
the CFB was analyzed. Its three basic components are conveying pressure drop, pressure 
recovery, and control pressure drop. Conveying pressure drop is determined by both control 
pressure drop and pressure recovery. Total pressure recovery in the standpipe depends on 
the height of solid in the standpipe and the flow state of solid particles. The average particle 
concentration in the riser is proportional to the conveying pressure drop. A computer model 





Four of the basic gas-solid behaviors in the CFB have been investigated in this dissertation. 
These are: the lateral particle flux (Chapter 5), the mechanism of the radial particle concen-
tration distribution (Chapter 6), the mechanism of heat transfer due to particle convection 
in a CFB (Chapter 7), and the pressure balance in the CFB loop (Chapter 8). 
The reactor and operating conditions can be chosen to satisfy the radial particle con-
centration distribution requirement for a gas-solid process based on the mechanism of the 
radial particle concentration distribution. Particle convection heat transfer coefficient is 
proportional to the particle fraction at the heat transfer surface. Therefore, we can change 
the particle heat transfer coefficient by changing the particle fraction at the heat transfer 
surface. The principle of pressure balance can be used to design CFB. For example, the 
height of dense phase of particles in the standpipe must be enough to maintain the designed 
particle concentration in the riser, especially for denser risers. 
Based on the authors extensive experience in the gas-solid flow, the following topics 
for gas-solid flow in CFBs need to be studied. 
1- It is important to investigate the energy consumption in CFBs. Gas, usually supplied 
by a blower, provides energy for particle circulating. Research should be done to find out 
the relation between the energy consumption and variables such as the gas velocity, particle 
concentration, particle properties and the particle circulating rate. The result should be 
very important for a CFB and pneumatic transfer of particles. 
2- This work has investigated the radial particle flux and velocity. Research on the 
relation among particle residence time in the riser, the axial and radial particle velocity 
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components will advance the understanding of the hydrodynamics of gas-particle in CFBs 
and will be helpful in applications of CFBs. 
3- The present study has provided a model for the radial particle concentration distri-
bution (Chapter 6). A knowledge of the average particle concentration, particle diameter 
and the radial profile of the axial particle velocity should be the* basis to obtain the particle 
concentration distribution equation. Derivation and the details of its solution are worthy 
of investigation. 
4- The flow of the gas-particle suspension in the riser is upward in the center region 
and downward near the riser wall. The suspension flows downward in the downcommer. 
Each has a characteristic radial particle concentration distribution. The momentum balance 
was successfully applied to suspension flow in the riser and in the downcommer. The anal-
ysis provides fundamental understanding of the gas-solid macro behavior and will benefit 
the development of new processes or improve reactors for gas-particle system applications. 
To improve gas-solid CFB nature, it may be necessary to impose a specific radial particle 
distribution. It would be very worthwhile to investigate how to change the particle concen-
tration. It also important to develop correlation of the axial particle velocity distribution 
as function of the properties of gas and particles and the operating conditions. 
5- A heat transfer model was proposed (Chapter 7). The heat transfer coefficient 
between gas and particle is a critical parameter in the model. There are more than a dozen 
correlations of the heat transfer coefficient between the particle and the gas. However, 
differences among these correlations are huge. Investigation of heat transfer between particle 
and gas in a CFB would be very worthwhile. 
6- The pressure balance in a CFB has been investigated in this work. The mechanism 
causing the change of the net axial particle flux is needed to be studied, i.e., the relation 
among the axial particle flux, pressure balance, particle properties, and gas velocity. 
The recommendations are summarized in Table 10.1 
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Table 10.1: List of recommendations 
Present work study 
1- Lateral particle flux 
2- Radial particle concen-
tration distribution in the 
riser 
3- Heat transfer by particle 
convection 
4- Pressure balance 
Recommended investigation 
Energy consumption in 
CFB; the relation between 
the particle residence time 
and the lateral particle flux 
Derivation and the details 
of its solution; the radial 
profile of the axial particle 
velocity in the riser; change 
of the radial particle con-
centration distribution 
Heat transfer coefficient be-
tween particles and gas in a 
CFB 
The relation among the 
net axial particle flux, gas 
velocity, pressure balance, 
and the control device 
Benefit 
To predict power require-
ment of a CFB or pneu-
matic transport; to under-
stand gas-solid flow behav-
ior 
To provide the base to 
change particle concentra-
tion; to develop new reac-
tors or new processes 
To predict the heat transfer 
coefficient 
To operate a CFB 
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Table 1: Radial particle flux, concentration, and velocity 



























































































































































































































































































































Table 2: Radial particle flux, concentration, and velocity 
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Table 4: Radial particle flux, concentration, and velocity 

































































































































































































































































































































Table 5: Radial particle flux, concentration, and velocity 
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Table 6: Radial particle flux, concentration, and velocity 


































































































































































































































































































































Table 7: Radial particle flux, concentration, and velocity 

























































































































































































































































































































Table 8: Radial particle flux, concentration, and velocity 




























































































































































































































































































































Table 9: Pressure data in the loop of CFB setup III 















































































































































































































Table 10: Pressure data in the loop of CFB setup II 

































































































































































































































A P P R O A C H 
In order to accomplish the objectives listed in Section 1.9, the approach used will be 
discussed in the following sections. The equipment used in this study is the UNH N-Shape 
Circulating Fluidized Bed Combustor (N-CFBC) setup which runs at normal pressure and 
room temperature. Thus, it is termed cold flow setup. It consists of two separate solid 
circulation loops; the first is combustion loop, and the second is sulfur scrubbing loop. The 
detail of the UNH N-CFBC setup can be found in Chapter 3. 
B.l Modification of Existing N-CFBC Unit 
The N-CFBC unit was modified several times to expand the operation range, to reduce the 
loss of particle in the exiting gas, and to reduce the effect of the inlet and the outlet on the 
gas-particle flow. 
The original unit was built with support from U.S. E.P.A. as shown in Figure B.l. 
Two 7.62 cm gate valves in the air feed pipes were used to control the ratio of primary to 
secondary air. Primary air passed through a distributor plate into the 8.89 cm i.d. primary 
combustion chamber. The gases passing upward through the primary combustor entrain 
200 fim glass particles. The particles are used to simulate the coal and heat transfer media 
mixture. The rising solid-gas mixture passed from the 8.89 cm primary combustion stage to 
a 14.0 cm i.d. secondary combustion stage. Fresh gas from the secondary air pipe joins the 
rising materials at the bottom of the secondary combustion stage. After a vertical ascent of 
approximately 6 m, the gas-solid mixture passed through a "short radius" 15.2 cm nominal 
diameter PVC U-bend which reverses the 14.0 cm I.D. downflow return leg of the secondary 
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action of a mechanical momentum-based separator, called the zig-zag disengager. Details 
of the disengager are shown in Figure B.4. 
The diverted solids fall through the disengager into a long standpipe, which terminated 
in a 0.47 m horizontal leg to return solids to the bottom of the primary combustor. Motive 
air is fed into the bottom of the standpipe to keep the solid flow. The horizontal and vertical 
legs of the standpipe and the motive air source are known collectively as an "L-valve". 
The major problem with the CFB setup I was the excessive loss of solid particles 
from the combustion loop. These particles entered the sulfur capture loop and affected its 
operation. To reduce particle escape, we added a cyclone between the combustion loop and 
the sulfur loop. This design was termed setup II and is shown in Figure B.2. The cyclone 
function was to capture more particles from the exiting gas and recycle them to the CFB 
unit. 
Because the cyclone was placed too close to the L-valve, it limited the extent of pressure 
recovery. This will be discussed in detail in Chapter 8. Thus, the cyclone was moved to the 
top of the CFB unit and the riser was redesigned to have a constant diameter throughout 
the whole length. This design was termed setup III, and is shown in Figure B.3. 
The original unit (setup I, Figure B.l) included a two section riser; the primary section 
(8.89 cm i.d.) and the secondary section (14.0 cm i.d.). The particle flow state is affected by 
inlet and outlet. To reduce the inlet and the outlet effect, the primary section was changed 
from 8.89 cm i.d. to the same diameter as the secondary section of 14.0 cm i.d. This is 
shown in setup III of Figure B.3. 
B.2 Testing the CFB System and Setting up Measurement 
The cold flow CFB system was tested for the effect of the aeration rate and position of gas 
into the J-valve (or L-valve) on the particle circulation. 
Temperature, pressure, pressure profile, superficial gas velocity, axial particle circu-
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flow rate of the gas (air) entering the riser was initially obtained by measuring the pressure 
drop across the gas distributor. It was found that at low air flow rate, some particles may 
precipitate on the distributor plate. The deposited particles caused an increase in the pres-
sure drop across the distributor, which would indicate a higher air flow rate than the actual 
rate. Therefore, an orifice plate was installed in the air feed line and used to measure the 
air flow rate instead of the distributor plate. 
Further details are discussed in Chapter 4. 
B.3 Design, Implementation, and Testing of Data Acquisition 
Instrumentation for measuring the temperature, pressure, and particle concentration (or 
solid fraction) were obtained. These were equipped with transducers to convert signals 
into electric voltage. A computerized real-time data acquisition system was designed and 
implemented. The electric voltage was supplied to the hardware of data acquisition. The 
software acquired, stored and plotted the data. Both hardware and software were tested. 
Further details are discussed in Chapter 4. 
B.4 Design and Testing of the Radial Particle Flux Probes 
Accurate measurement of the radial particle flux in the CFB riser is essential as this is one 
of the main parameters to be studied in the present work. Therefore, the design of the radial 
particle flux probes was of utmost importance. In the fourth phase of the study two probes 
were carefully designed and constructed. Because the gas velocity in the riser is zero in the 
radial direction, the probes were designed to prevent gas from flowing from the riser to the 
outside through the probes. The probes were mounted on the CFB riser at angle of 45° 
from the vertical so that particles entering the probes will flow down by gravity. Provision 
were included to minimize the chance of escape of captured particles, and obtain accurate 
measurements. 
Further details on the radial particle flux are discussed in Chapter 4 and 5. 
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B.5 Particle Fraction Measurement 
A capacitance probe was used to measure the local particle fraction. The voltage signal 
from the probe was sent to data acquisition system. 
Further details are discussed in Chapter 4. 
B.6 Performing Experiments 
The radial particle flux, the radial particle concentration, and pressure profile were measured 
at various gas velocities and particle circulation rates. To study the effect of particle size 
and density, two types of particles were used. 
Further details are discussed in Chapters 5 and 8. 
B.7 Characterization of the Radial Particle Flux 
To our knowledge, no direct measurement of the radial particle flux in the riser of a CFB 
has been published in the literature. The variation of the experimental radial particle mass 
flux with the operating conditions, particle size, and particle concentration is discussed. 
From the experiment of the radial particle flux and theoretical analysis, a correlation of the 
radial particle flux was developed. 
Further details are discussed in Chapter 5. 
B.8 Radial Particle Concentration Distribution 
In phase 8, attempts were made to understand the mechanism of radial particle concentra-
tion distribution in the CFB riser. The analysis was based on the principle of momentum 
balance. Several justifiable assumptions for the gas-particles flow were made. Generally 
speaking, particle density in CFBs is much greater than the gas. Therefore, the momentum 
of particles is much greater than that of gas. Momentum contribution due to the flow of gas 
can be neglected. Only particle momentum is considered for gas-solid suspension momen-
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turn balance. The gas phase may be treated as a medium of momentum transfer between 
particles. 
Further details are discussed in Chapter 6. 
B.9 Mechanism and Model of Heat Transfer 
Based on the measurements of the radial particle flux, the mechanism of particle convective 
heat transfer between the gas-solid suspension and the heat transfer surface was proposed. 
A heat transfer model also was developed. 
Further details are discussed in Chapter 7. 
B.IO Development a Computer Model of Pressure Balance 
Based on the principle of pressure balance and the equations of pressure change for various 
sections of the CFB loop, a computer model was developed. 
Further details are discussed in Chapter 8. 
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